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Catalytic partial oxidation of iso-octane over a rhodium/alumina coated honeycomb monolith is
experimentally and numerically studied at short-contact times for varying fuel-to-oxygen ratios. A
new experimental set-up with well-defined inlet and boundary conditions is presented. The conversion
on the catalyst and in the gas-phase is modeled by detailed reaction mechanisms including 857
gas-phase and 17 adsorbed species. Elementary-step based heterogeneous and homogeneous reaction
mechanisms are implemented into two-dimensional flow field description of a single monolith channel.
Experiment and simulation provide new insights into the complex reaction network leading to varying
product distribution as function of fuel-to-oxygen ratio. At fuel rich conditions, the formation of by-prod-
ucts that can serve as coke precursors is observed and interpreted.

© 2010 The Combustion Institute. Published by Elsevier Inc. All rights reserved.

1. Introduction

The production of hydrogen and synthesis gas (syngas, H, and
CO) from logistic fuels such as gasoline, diesel, and kerosene by cat-
alytic partial oxidation (CPOX) and steam reforming (SR) is currently
in the focus of both academic and industrial research [1-7]. In con-
trast to the complex and costly supply of compressed and stored
hydrogen for mobile fuel cell application, CPOX of liquid fuels allows
production and utilization of hydrogen through existing routes,
which, in particular, is of interest for on-board applications [8].

In the last decade, partial oxidation of a variety of gaseous and li-
quid hydrocarbons to syngas has been studied over rhodium-based
catalysts. It was shown that many hydrocarbons contained in logis-
tic fuels can autothermally be converted to syngas over rhodium
within milliseconds at operating temperatures usually above
1000 K. Short monolithic honeycomb and foam structures made
out of metal oxides usually serve as catalyst carrier. In the honey-
comb structure, the noble metal is commonly impregnated into a
thin alumina washcoat. No qualitative difference has been reported
concerning syngas yield of foam and honeycomb based catalysts.
Due to the short residence time, high fuel throughput and syngas
yields can be achieved in compact reactors operated nearly adiabat-
ically. The ignition temperature of the fuel in general decreases with
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increasing molecular weight, from over 800 K to approximately
500 K for natural gas to hexadecane, respectively. Ignition of the fuel
can be achieved within seconds by operating the CPOX reactor at
combustion conditions initially, meaning burning of the fuel
catalytically.

These features make CPOX reactors attractive for on-board sup-
ply of hydrogen and reformate fuel from conventional logistic as
well as synthetic fuels, which can be integrated into auxiliary
power units based on the proton exchange membrane (PEMFC)
and solid oxide (SOFC) fuel cells [9]. Furthermore, the reformate
gas can also serve as additive to the fuel of the internal combustion
engines during cold start-up reducing the formation of nitrogen
oxides (NO,) drastically and as reducing agent for exhaust-gas
after-treatment by selective catalytic reduction (SCR) of NO,. CPOX
of liquid fuels is also attractive for power generation in stationary
and mobile applications at remote places due to the high energy
density of the fuel as well as high electrical efficiencies and the
possibility to conduct the reaction in micro reactors [10,11].

At operating temperatures around 1000 K and higher, conversion
of the fuel may not only occur on the solid catalyst but also in the gas-
phase. While homogeneous reactions in the fluid phase require high
pressure and temperatures in CPOX of methane due to the short res-
idence time and low reactivity [12-14], gas-phase reactions are
likely for any heavier fuel at atmospheric pressure at those
conditions, even for ethane and propane [15-17]. Heterogeneous
and homogeneous reactions in CPOX of hydrocarbons are coupled
not only by adsorption and desorption of fuel and oxygen molecules
and the products, respectively, but also by adsorption and desorp-
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tion of intermediates and radicals. Therefore, mass transport of rad-
icals and intermediates from/to the gaseous bulk phase and the cat-
alytically active channel wall, mainly by radial diffusion in the small
channels of the monolith being on the order of a quarter to 1 mm, is
crucial for the interaction of heterogeneous and homogeneous reac-
tions in CPOX reactors. In particular at transient operation, including
light-off and shutdown of the reactor as well as variation of fuel com-
position, heat transfer effects become significant for the product
composition [18]. Therefore, optimization and reliable operation of
CPOX reactors call for a better understanding of the occurring com-
plex interaction of heterogeneous and homogeneous chemical reac-
tions as well as mass and heat transport.

Due to this complexity in chemistry and species transport, the
application of detailed models for numerical simulation of CPOX
reactors have been restricted to light hydrocarbon fuels such as
methane and ethane [12,13,15,19]. Those models include detailed
(elementary step) reaction mechanisms for heterogeneous and
homogeneous chemical reactions and adequate mass and heat
transport models. Such a detailed numerical simulation for CPOX
of liquid fuels has not been published yet, to the best of our knowl-
edge. However, the application of CPOX of logistic fuels for the pro-
duction of hydrogen and syngas for mobile reformers crucially
depends on the understanding of the formation of undesired by-
products. In particular, the formation of soot precursors is likely
through homogeneous gas-phase reactions at rich operating condi-
tions and high temperatures. Even if those soot precursors may not
harm the CPOX reactor, they present a potential threat for any fur-
ther devices downstream such as fuel cells. The difficulties here are
that the formation of soot precursors at partial oxidation and pyro-
lysis conditions is not completely understood yet and that the
implementation of the resulting large reaction mechanism into a
CFD simulation turns out to be a very formidable task.

This paper presents an experimental, modeling, and simulation
study on CPOX of iso-octane over a rhodium/alumina coated honey-
comb monolith. In the experimental part of this study, a recently
developed experimental set-up for CPOX of liquids is used, in which
well-defined inlet and boundary conditions are realized [20,21].
Even though more complex fuels have already been studied experi-
mentally as referenced above, the single-component fuel iso-octane
(i-octane, 2,2,4-trimethylpentane) has been chosen here, because it
can serve as first step towards a better understanding of CPOX of lo-
gistic fuels. For this system, a detailed numerical study based on ele-
mentary homogeneous and heterogeneous chemical reaction
schemes and a two-dimensional flow field description of a single
monolith channel is feasible using a recently developed computer
code [22-24]. The experimental and simulation results are able to
explain characteristic features of CPOX of logistic fuels, which have
been found for other liquid hydrocarbon fuels as well.

2. Experimental set-up and measurement procedure
2.1. Experimental set-up

Aside from measuring conversion and selectivity as functions of
varying external parameters, a major objective of the experimental
work here is the delivery of well-reproducible data for model devel-
opment and evaluation. This implies that the reactor configuration
used must guarantee well-defined initial and boundary conditions,
which gave guidance to the experimental set-up. Fig. 1 gives a pro-
cess flow diagram of the experimental and analytical set-up.

The liquid fuel, iso-octane, with a boiling point of 372 K (99 °C)
has to be mixed rapidly below its auto ignition temperature; the
same equipment is currently also used to study CPOX of much hea-
vier hydrocarbons with boiling points up to 550 K. The development
of the experimental set-up was supported by CFD simulations of the
mixing process leading to a tube-in-tube configuration that allows

rapid mixing of vaporized fuels with synthetic air to feed the catalyst
with a homogeneous, pulse-free mixture at a uniform temperature
[20]. The higher hydrocarbons are completely evaporated before
entering the tubular reactor. The fuel is stored in a pressurized tank
and fed through a thermal mass flow meter (Bronkhorst LiquiFlow
L23)to a three-way mixing valve where it is mixed with 0.5 standard
liters per minute (slpm) of nitrogen. The liquid/inert gas mixture
flows to a temperature-controlled evaporator (Bronkhorst CEM
W303) ensuring complete, pulse-free evaporation. Downstream of
the mixing valve, the fuel feed is calibrated by continuous gravimet-
ric measurements using a computer assisted electronic readable bal-
ance (Sartorius-Acculab Atilon ATL323). Synthetic air and up to two
additional gaseous reactants can be fed to the reactor inlet in sepa-
rate lines, which are metered by thermal mass flow controllers
(Bronkhorst EL Flow F201) and mixed and tempered in a pre-heater,
consisting of a 6 m long steel tube. Both the reactant lines and the
reactor inlet can be tempered between 340 and 600 K (70-320 °C).

The tube-in-tube inlet system is based on a modified Swagelok
Ultra-Torr fitting. In the outer and inner tubes, fuel and synthetic
air are provided, respectively. Through an additional support tube
with an outer diameter of 6 mm, thermocouples or sampling
probes can be attached to the reactor. The reactor consists of a
quartz tube, 21.5 mm in inner diameter and 550 mm in length,
placed inside a furnace, 350 mm in length (Carbolite HST 12/200/
E301). The furnace is used for light-off of the reaction, as thermal
insulation (no heating) in autothermal operation, and carbon
burn-off experiments. The modified Swagelok Ultra-Torr inlet is
linked to the quartz glass reactor with a Kalrez O-ring allowing
temperatures up to 600 K (320 °C). The reactor outlet is sealed with
a flange using a graphite gasket (Novafit), 50 mm in diameter and
thermal resistance up to 820 K (550 °C).

All relevant species present in the product stream are detected
by a variety of simultaneously applied analytic methods: FT-IR, MS,
and a paramagnetic gas analyzer. Combination of these techniques
ensures well-closed balances for carbon, hydrogen, and oxygen and
permits time-resolved monitoring of at least 12 species on the or-
der of second time-scale. Therefore, a fast screening of steady and
transient states with a high quantity of data points is possible. Fur-
ther carbon containing species are detected by GC-MS, however
with much smaller time resolution. Typical atom balances that
are reached with this combined method were between the follow-
ing limits: 94% <H < 101%, 91% < C<99% and 98% < 0 < 103%.

2.2. Catalyst

An industrially manufactured honeycomb catalyst (900 cells per
square inch (cpsi); rhodium loading = 1.41 mg/cm?) is used. The
monolith is made out of cordierite and 10 mm in length and
19 mm in diameter. The inner channel walls are coated with rho-
dium dispersed in an alumina washcoat; no further additives are
used. The catalyst is positioned 200 mm downstream of the mix-
ture inlet. Upstream and downstream of the catalyst, an uncoated
foam monolith (y-Al,03, 85 pores per inch (ppi)) and an uncoated
honeycomb monolith (600 cpsi), respectively, are placed close to
the catalyst. Both non-catalytic monoliths are 10 mm in length
and 19 mm in diameter and are used as heat shields and fixations
for thermocouples (front face: Type K, back face: Type N).

2.3. Measurement procedure

The C/O ratio is used as parameter for the description of the com-
position of the mixture entering the catalyst; it is defined as the ratio
of the total number of carbon atoms to the total number of oxygen
atoms in the inlet mixture. The C/O ratio is varied between 0.8 and
1.2 at a constant dilution with 80 vol.% nitrogen. After light-off, the
reactor is operated autothermally, that means the furnace initially
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Fig. 1. Process flow diagram of the experimental set-up for the catalytic partial oxidation of higher hydrocarbon fuels.

used for light-off is switched off. A total flow rate of 4 slpm is used
corresponding to a gas hourly space velocity (GHSV) of 85,000 h!
referred to standard conditions (298.15 K, 1013.25 mbar). Fuel and
synthetic air are fed to the reactor at 463 K (190 °C).

At the reactor outlet, a part of the product stream (0.5-2.0 slpm)
isdirected to a process FT-IR with high-optical-throughput sampling
cell (MKS Multigas 2030) in a tempered line at 418 K (145 °C). The
FTIR analyzes the infrared active components CO, CO,, H,0, CHy,
H,C=CH,, CH3-CH=CH,, HC=CH, H,C=0, CH5-CH=0 with a time
resolution of 0.25 Hz. The time delay between the catalyst and the
spectrometer is 2-4 s, depending on the selected sampling flow rate.
After cooling the product stream down to 268 K to remove high boil-
ing liquids, the infrared inactive components H, and O, are analyzed
by a sector field mass spectrometer (V&F H-Sense) and a paramag-
netic gas analyzer (ABB Magnos 206), respectively. The analysis of
the product stream concerning higher hydrocarbon species (Cy-3H,)
is performed using a GC/MS (Agilent Technologies 6890 N). After
reaching steady-state, experimental data is collected for 10-
15 min at each C/O ratio. No aging due to sintering or coking of the
catalyst could be observed during this period. Steady states could
be reached again after completing of all measurements between C/
0 = 0.8-2.0. No hysteresis is observed.

3. Modeling approach and numerical implementation

Due to the thermal insulation, the radial temperature gradient
across the catalyst is small. Furthermore, uniform inlet conditions
are ensured. Therefore, all channels of the monolith behave essen-
tially alike, and one representative channel needs to be analyzed
only. This single channel is then approximated by an axis-symmet-
ric cylinder leading to the axial and radial spatial coordinates as
independent variables of the flow field simulation. Due to the short
residence time, being on the order of milliseconds, the transport in
axial direction is mainly determined by convection implying that
axial diffusion can be neglected, which reduces the elliptical struc-
ture of the steady-state Navier-Stokes equations to a parabolic one

by application of a boundary-layer approximation [25-27]. The
resulting governing equations are a large system of parabolic par-
tial differential equations (PDEs) with nonlinear boundary condi-
tions arising from the coupling between the gas-phase and
surface processes:

pu 10(rpv)
Mass continuity : T (1)
ou ou aop 10 ou
Axial momentum : PUS H PV == oo (,ur5> (2)
Radial momentum : 0 = % 3)
: LY, oYy 10(ty,)
Species continuity : pu— "+ pv—= = —— =
+aWik=1,...,K,). 4)
PRT
State equation : p = T (5)
W X,
and J, = —Dj WP ar (6)
f= (Y. T), i = in(Y.T,p).Y = (Y1,Y,... Yx,). @)

Here, z and r are the axial and radial coordinates, respectively, u
and v are the axial and radial components of the velocity vector,
resp., p is the pressure, T is the temperature, Yy is the mass fraction
of species k, p is the viscosity, p is the mass density, ¢, is the heat
capacity of the mixture, / is the thermal conductivity of the mix-
ture, ¢y is the species heat capacity of the kth species, K, is the to-
tal number of gas-phase species, Ji, represent the radial
components of the diffusive flux vector of kth species pointing
from the center to the wall, w, is the rate of production of the
kth species by the gas-phase reactions, hy is the species heat en-
thalpy of the kth species, W is the molar mass of the species k,
W is the mixture mean molecular weight, and the R is the universal
gas constant, D is the mixture diffusion coefficient of the kth spe-
cies. The energy equation has been omitted, since only isothermal
simulations were considered at this study.
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At the catalytic surface, the gaseous species mass flux produced
by heterogeneous chemical reactions and the mass flux of that spe-
cies in the gas-phase at the gas—surface interface must be balanced,
ie.,

nFcat/geongk = ilkr (k =1,... 7Kg)v (8)
where
Ns Kg+Ks Vv
ék = Z vikkﬁ H Cj]k, (9)
i-1 j=1
is the creation or depletion rate of gas-phase (k=1 ..., K,) and sur-

face (k=Kg+1, ..., K;) species due to the adsorption and desorption
on/from the catalytic surface and reactions among surface species;
K is the total number of adsorbed (surface) species including a va-
cant adsorption site species, N; is the number of all reactions involv-
ing the catalyst; ¢; are species concentrations, vy are the
stoichiometric coefficients of the reaction equations. The factor
Fearjgeo describes the ratio of catalytic active to geometric surface
area, which corresponds to the amount of catalyst available for sur-
face reactions. In this work, Fea¢geo Was experimentally determined
to be 15 by CO chemisorption measurements. The effect of finite
diffusion in the washcoat on the reaction rate is treated by adding
an effectiveness factor, #, into the boundary conditions Eq. (8).
The effectiveness factor is an algebraic expression in terms of the
Thiele modulus and can be computed along with the surface reac-
tion rates. Since the washocat layer is thin in the monolith used
here, the effectiveness factor is close to unity. More details on the
impact of washcoat diffusion on mass transport in monolithic cata-
lysts can be found, for instance, in [42].

Eq. (9) is also applied to calculate the creation or depletion rate
of adsorbed species and the surface coverage, 0, = ckak/I", with I”
and o} being the surface site density and the number of sites occu-
pied by adsorbed species k, respectively. The forward rate coeffi-
cient k; of surface reaction i is calculated by a modified
Arrhenius expression,

ke — ATV Ea\ 15 ot Exilk 10
i = AT  exp _ﬁHOkeXpﬁv (10)

k=1

where u;; and ¢;; are parameters describing an additional depen-
dence of the rate coefficients on the surface coverage [25,28].

Since we calculate the steady-state of the system, in the current
study, all adsorbed species (surface species) will obey the algebraic
equation system

§e=0 (k=K;+1,.... Kz +K). (11)

The resulting PDEs are semi-discretized by a method of lines
leading to a large-scale, structured differential algebraic equation
(DAE) system. The DAE system is solved using a tailored code based
on the DAESOL solver using multi-step methods based on the Back-
ward Differentiation Formula (BDF). It is a variable step size and
variable order BDF code. The adaption of step size and order are
controlled by error estimation. An efficient tailored method for
determining consistent initial value is implemented. The recently
developed code is tailored to efficiently exploit the structure of
the Jacobian [22]; for more details, we refer to the user manual
of the applied code DETCHEM®ANNEL [94] Using this algorithm,
the new version, 2.2., of DETCHEMHANNEL 31lows, for the first time
to our knowledge, the solution of species equations for more than
two hundred species and thousands of reactions in two phases for
a two-dimensional flow problem (single catalytic monolith chan-
nel). This complexity is inherent of the CPOX of larger hydrocar-
bons, where a large number of intermediates and radicals are
formed by a complex heterogeneous and homogeneous reaction
network, which represents a challenge for detailed simulations

that should also account for the resolution of the flow field due
to substantial radial diffusion effects.

4. Chemical system and reaction mechanisms

Partial oxidation of i-octane includes several other global
reactions besides the direct partial oxidation Eq. (12) such as total
oxidation Eq. (13), steam and dry reforming Eqs. (14) and (15),
water-gas shift reaction (WGS, Eq. (16)), methanation Eq. (17),
and carbon formation by the Boudouard reaction Eq. (18), reaction
enthalpies are given for gaseous species:

i — CgHig +40, — 8CO+9H, AH) = —659.9kmol ', (12)
i — CgHyg + 12.50, — 8CO, + 9H,0  AHYg = —5113 kJ mol '

(
i — CgHig + 8H,0 — 8CO + 17H, AHS = +1261 k] mol ', (
i — CgHig +8C0O; — 16C0 +9H, AHYg, = +1590 k] mol ', (
CO + H,0 — CO, +H, AHY = —41 k] mol ', (
CO +3H; — CHy +H,0  AHSgs = —206 kJ mol ™, (
2C0 — C+CO, AHSg = —172 kJ mol . (

These reactions may not only occur on the catalytic surface but
also in the gas-phase due the high operating temperatures. Even
though there is probably a sufficiently large number of adjustable
kinetic parameters in this global reaction scheme Eqs. (12)-(18) to
fit a model for representation of a set of experimental data, little
insight can be gained from such a lumped mechanism. Therefore,
the chemical models are based on elementary-step reaction mech-
anisms as much as possible in this study.

4.1. Gas-phase reaction mechanism

A detailed chemical kinetic mechanism developed by the com-
bustion group at Lawrence Livermore National Laboratory (LLNL)
for homogeneous oxidation of i-octane (2,2,4-trimethylpentane)
is used in this study. The version of this mechanism used was pub-
lished by Curran et al. [29] and developed for modeling the oxida-
tion of i-octane in jet-stirred reactors, flow reactors, shock tubes,
and CFR (Co-Operative Fuels Research) internal combustion engine
for a pressure range of 0.1-4.5 MPa, a temperature range of 550-
1700 K, equivalence ratios from 0.3 to 1.5, and nitrogen-argon
dilution from 70% to 90%. Even though these equivalence ratios
correspond to C/O ratio below 0.5, the mechanism was used with-
out modifications for lack of alternatives.

The major steps of this mechanism are: unimolecular decompo-
sition of fuel with H-atom abstraction, decomposition of four
distinct i-octyl radicals (2,2,4-trimethyl-1-pentyl, 2,2,4-trimethyl-
3-pentyl, 2,2,4-trimethyl-4-pentyl, and 2,4,4-trimethyl-1-pentyl)
by C-C bond scission, isomerization by internal H-atom abstraction
to other alkyl radicals, and reactions with molecular oxygen to pro-
duce peroxy - and other corresponding hydro-peroxy-alkyl radi-
cals leading to branching reactions. The rate coefficients of these
reactions depend on the type of hydrogen atom being abstracted
(primary, secondary, or tertiary) and on the local environment of
the H-atom. It is known that the low-temperature chemistry is
very sensitive to the formation of stable olefin species from hy-
dro-peroxy-alkyl radicals through B-scission and C-C bond break-
ing [29]. The proposed gas-phase mechanism consists of 7193
irreversible reactions among 857 species and is applied without
any modification in the present study.

4.2. Surface reaction mechanism

The heterogeneous partial oxidation of i-octane on rhodium-
based catalysts is modeled by a detailed surface reaction
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mechanism for partial oxidation of C;-Cs-species coupled with two
additional “lumped” reactions for adsorption of i-octane (Egs. (19)
and (20)) assuming that i-octane adsorption quickly leads to the
species that are explicitly described by the detailed part of
mechanism.

i-CsHis + 26Rh(s) — 8C(s) + 18H(s) (19)
i-CsHys + 80(s) + 18Rh(s) — 8CO(s) + 18H(s) (20)

Even though this rapid adsorption and destruction really is a
very simplified model of the potential large numbers of intermedi-
ate steps that may occur, the fact that none of the potential inter-
mediates C,—-C4. species have been found in the gas-phase due to
catalytic reactions supports the assumption of rapid destruction
of the fuel molecules upon adsorption. Nevertheless, surface sci-
ence studies focusing on the mechanisms of adsorption of larger
hydrocarbons on noble metals are recommended. The kinetics of
reactions (19) and (20) is described by a rate expression depending
on temperature, i-octane gas-phase concentration, oxygen surface
coverage, and number of vacant adsorption sites:

. E € € €
B s
Sceng =A- TP exp (— ﬁ) cccgslj’f; cR'f]‘“(s) Cols - (21)

The kinetic parameters of Eq. (21) were adjusted by parameter
optimization using the experimentally derived conversion and
selectivity data; all kinetic data of the detailed mechanism were
kept constant in this optimization. The kinetic parameters are gi-
ven in Table 1.

A detailed surface reaction mechanism of partial oxidation of
C,-Cs alkanes used in the simulation is derived based on our for-
mer study on the prediction of ignition, transient and steady-state
operation of catalytic partial oxidation of methane over rhodium
[18,30]. In the present work, this mechanism is extended by addi-
tional elementary steps for C,- and Cz-species. The semi-empirical
unity bond index-quadratic exponential potential (UBI-QEP) for-
malism is applied to determine the heats of adsorption of C,/C3-ad-
sorbed species, reaction enthalpy changes and the activation
barriers for relevant steps of the mechanism [31-33]. Kinetic
parameters of reactions with Cs-species were evaluated by com-
parison with an experimental study on steady-state operation of
partial oxidation of propane on rhodium monolith catalysts to be
published on a forthcoming paper. The implementation of surface
oxygenated species CHO(s) in the mechanism is crucial for the
description of WGS and is supported by TPSR and TR-FTIR experi-
ments [34]. The pre-exponential factors are either taken from liter-
ature, nominal values, or derived in this work. The nominal value
for the pre-exponential factor was assumed to be: 10'3N,/I’
(cm?/mol s), where N, is Avogadro’s number; 10'3 s~ is the order
of magnitude of kgT/h with kg=the Boltzmann’s constant,
h =Planck’s constant and is the value expected from transition
state theory; I'=1.67 x 10" (site/cm?) - is the site density of
Rh. The surface reaction mechanism consists of 56 reactions among
nine gas-phase and 17 surface adsorbed species. The detailed
mechanism coupled with the lumped reactions (Egs. (19), (20)) de-
scribes all global reactions (Egs. (12)-(18)) via a complex reaction
network. The detailed mechanism is given in Table 2.

Table 1

Kinetic parameters of global reactions according to Eq. (21).
Parameter A(molcms) Eq(Kfmol™') g €CyHis  GRh(s)  €o(s)
Reaction (19) 4.379 x 107 6.0 0.13 0.6 1 0
Reaction (20) 7.730 x 10'"  50.0 1 1 1 1

Table 2

Surface reaction mechanism of C;_3 partial oxidation over Rh.
Reaction A (mol cm s) (kJ mol 1)
H, + 2Rh(s) — 2H(s) 1.0 x 107922 0.0
0, + 2Rh(s) - 20(s) 1.0 x 10792 0.0
CH,4 + Rh(s) — CHy(s) 8.0 x 107932 0.0
C3Hg + Rh(s) — C3Hg(s) 5.8 x 107932 0.0
H,0 + Rh(s) > H,0(s) 1.0 x 107912 0.0
CO, + Rh(s) — CO4(s) 1.0 x 107952 0.0
CO +Rh(s) - CO(s) 5.0 x 107012 0.0
2H(s) — 2Rh(s) + H, 3.0 x 10?! 77.8
20(s) - 2Rh(s) + O, 1.3 x 102 355.2-28000(s)°
H,0(s) - H,0 + Rh(s) 3.0 x 10"3 45.0
CO(s) —» CO +Rh(s) 3.5 x 10" 133.4-150c0(s)°
CO,(s) - CO, + Rh(s) 1.0 x 10" 21.7
CHy(s) —» CH4 + Rh(s) 1.0 x 10" 25.1
C3Hg(s) — C3Hg + Rh(s) 1.0 x 10"3 30.1
C3Hg(s) + Rh(s) — C3Hy(s) + H(s) 3.7 x 10?! 55.0
C3Ho(s) + H(s) - C3Hg(s) + Rh(s) 3.7 x 10?! 56.6
C3Hy(s) + Rh(s) — C3Hg(s) + H(s) 3.7 x 10?4 73.4
C3Hg(s) + H(s) - C3Hy(s) + Rh(s) 3.7 x 10%! 75.9
C3Hg(s) + O(s) — C3Hy(s) + OH(s) 1.7 x 10?4 71.5
C3H(s) + OH(s) — C3Hg(s) + O(s) 3.7 x 10?1 31.3
C3Hy(s) + O(s) — C3Hg(s) + OH(s) 3.7 x 10?4 88.7
C3Hg(s) + OH(s) — C3Hy(s) + O(s) 3.7 x 10%! 453
C3Hg(s) + Rh(s) - C;H;(s) + CHs(s) 3.7 x 10?4 83.7
C,Hs(s) + CHs(s) — C3Hg(s) + Rh(s) 3.7 x 10?1 55.8
C,Hs(s) + Rh(s) — C(s) + CHs(s) 3.7 x 10%! 35.6
C(s) + CHs(s) — CyHs(s) + Rh(s) 3.7 x 10?! 118.7
CHa(s) + Rh(s) — CHs(s) + H(s) 3.7 x 10?! 61.0
CH3(s) + H(s) — CHy(s) + Rh(s) 3.7 x 10%! 51.0
CHs(s) + Rh(s) — CHy(s) + H(s) 3.7 x 10?4 103.0
CH,(s) + H(s) — CHj(s) + Rh(s) 3.7 x 103 44.1
CHj(s) + Rh(s) — CH(s) + H(s) 3.7 x 10?4 100.0
CH(s) + H(s) —» CHy(s) + Rh(s) 3.7 x 10?! 68.0
CH(s) + Rh(s) — C(s) + H(s) 3.7 x 10?! 21.0
C(s) + H(s) - CH(s) + Rh(s) 3.7 x 10?! 172.8
CHy(s) + O(s) — CHs(s) + OH(s) 1.7 x 10% 80.3
CH3(s) + OH(s) — CHy(s) + O(s) 3.7 x 10%! 243
CH3s(s) + O(s) — CHy(s) + OH(s) 3.7 x 10?4 120.3
CHj(s) + OH(s) — CHj(s) + O(s) 3.7 x 10?! 15.1
CHj(s) + O(s) — CH(s) + OH(s) 3.7 x 10%* 114.5
CH(s) + OH(s) — CHy(s) + O(s) 3.7 x 10%! 36.8
CH(s) + O(s) — C(s) + OH(s) 3.7 x 10*! 30.1
C(s) + OH(s) — CH(s) + O(s) 3.7 x 10?! 136.0
H(s)+ O(s) — OH(s) + Rh(s) 5.0 x 10?2 83.7
OH(s) + Rh(s) — H(s) + O(s) 3.0 x 10%° 33.7
H(s) + OH(s) — H,0(s) + Rh(s) 3.0 x 10%° 335
H,0(s) + Rh(s) — H(s) + OH(s) 5.0 x 10?2 106.4
OH(s) + OH(s) - H,0(s) + O(s) 3.0 x 10?! 100.8
H,0(s) + O(s) - OH(s) + OH(s) 3.0 x 10?! 171.8
C(s) + O(s) — CO(s) + Rh(s) 5.2 x 10? 97.9
CO(s) + Rh(s) — C(s) + O(s) 2.5 x 10?! 169.0
CO(s) + O(s) — CO4(s) + Rh(s) 5.5 x 10" 121.6
CO,(s) + Rh(s) - CO(s) + O(s) 3.0 x 10?! 115.3
CO(s) + H(s) - HCO(s) + Rh(s) 5.0 x 10" 108.9
HCO(s) + Rh(s) — CO(s) + H(s) 3.7 x 10%! 0.0 + 500c0(s)”
HCO(s) + Rh(s) — CH(s) + O(s) 3.7 x 10?4 59.5
CH(s) + O(s) » HCO(s) + Rh(s) 3.7 x 10?! 167.5

The mechanism will be available on www.detchem.com.

@ Value initial sticking coefficient.

b Coverage dependence applied so that the reaction scheme remains thermody-
namically consistent nomenclature given in [11].

5. Results and discussion
5.1. Two reaction zones

The numerical simulation predicts the two-dimensional flow
and concentrations profiles in the fluid phase inside a single chan-
nel of the monolithic catalyst as well as the coverage on the cata-
lytic surface as function of axial position. First simulations revealed
that all major products (H,, CO, H,0, and CO,) are heterogeneously
produced within the first section of the catalyst starting at the
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front face of the catalyst and having an approximate length of
1 mm (depending on the C/O ratio). This principal behavior is illus-
trated in Fig. 2 for C/O ratio of 1.0, which is stoichiometric for syn-
gas production. Here, the hydrogen and oxygen profiles clearly
reveal that the reactor is operated in a mass-transfer-limited re-
gime. Even for the fast diffusing hydrogen species, strong radial
gradients can be recognized in the channel of 0.92 mm diameter.
Close to the surface, significant amounts of oxygen are only avail-
able at the front face of the catalyst. Mass-transfer of oxygen from
the bulk fluid to the catalytic channel wall limits the overall reac-
tion rate. We carried out experiments with monoliths of different
rhodium loadings and the corresponding simulations with varying
Featjgeo- Both experiment and simulation do not show a substantial
decrease of hydrogen yield as long as the amount of rhodium ex-
ceeds a critical (low) value agreeing with findings of former studies
[35]. Hence, all experimental results support the conclusion of a
mass-transfer limited reactor behavior at the catalyst entrance.

Furthermore, the concentrations of these species remain almost
constant in the remainder of the channel, where some homoge-
neous conversion of the remaining fuel occurs in the gas-phase.
Therefore, the reactor can be divided into two axial zones: (1) In
approximately 1 mm long heterogeneous reaction zone, homoge-
neous reactions do not need to be considered. Conversion almost
exclusively occurs on the surface. The residence time of less than
one millisecond (0.7 ms at C/O = 1.0) in that zone is far too short
to lead to a radical pool large enough for initiation of gas-phase
conversion. Aside from that, most of the radicals are also quenched
on the catalytic surface. (2) In a second zone, starting at an axial
position, where oxygen is already completely consumed at the
gas—surface interface, the surface kinetics slows down as discussed
below and homogeneous reactions may become significant. At rich
conditions, it may even be the case that in the second, much longer
zone, gas-phase chemistry only matters and heterogeneous con-
version can be neglected. This separation of a short-contact time
reactor for CPOX of higher hydrocarbons into two zones was al-
ready proposed and applied by Panuccio et al. [36] without having
the numerical tools for proving that separation by coupled models.
The difference in the present study is that the heterogeneous mod-
el is used over the entire channel length taking into account the
interaction between gas-phase and surface reactions, also when
homogeneous conversion has started.

CPOX of hydrocarbons in short-contact time reactors is known
to show a temperature peak in the catalyst entrance zone, in gen-
eral around the position where most of the oxygen is consumed;
further downstream the temperature usually drops slightly due

Reactants Products
) ——
Heterogeneous Coupled heterogeneous &

chemistry only homogeneous chemistry

Fig. 2. Sketch of the single channel simulated and the general behavior in the
reactor (upper panel); simulated hydrogen and oxygen profiles shown for C/O = 1.0
(lower panel; the blue color denotes the minimum of zero mole fraction, the red
color the maximum of 0.16 and 0.24 mol fraction for oxygen and hydrogen,
respectively). (For interpretation of the references to color in this figure legend, the
reader is referred to the web version of this article.)

to endothermic reforming reactions [18,37-39]. We observed a
similar temperature profile for CPOX of i-octane in our simulations
when a heat balance was included. Since those simulations are ex-
tremely intensive when coupled with large homogeneous reaction
schemes and the focus of the current study is on the interaction of
heterogeneous and homogeneous reactions, we assumed isother-
mal conditions for the simulations discussed in the remainder.
The simulations now use the experimentally determined back-face
temperature as operating reactor temperature of the catalytic
monolith as given in Fig. 3. This temperature decreases from
1350K at C/O=0.8-1070K at C/O =1.2. It should be mentioned
that the computed adiabatic exit temperature based on the reac-
tant inlet temperature of 463 K (190 °C) and composition and the
measured outlet temperature leads to a temperature that is 20-
70 K and 70-120 K higher than the measured back-face tempera-
ture for the C/O ranges of 1.2-1.0 and 1.0-0.8, respectively.

5.2. Major products and reactor temperature at varying C/O ratios

Oxygen is completely converted at all conditions studied, while
conversion of the fuel strongly depends on the C/O ratio as shown
in Fig. 3. In Fig. 4, the experimentally determined concentrations of
the major products H,, CO, H,0, and CO, are given as function of
the C/O ratio varied between 0.8 and 2.0, i.e., from lean to rich con-
ditions related to the stoichiometric formation of syngas at C/
0=1.0Eq. (12). The C/O ratio really determines selectivity and
conversion in catalytic partial oxidation of i-octane on rhodium,
two distinct regions can be recognized. At fuel lean and stoichiom-
etric conditions (up to C/O=1.0) full conversion of i-octane is
reached (Fig. 3). Experimentally, no fuel or any other hydrocarbon
compounds can be detected with FT-IR or GC-MS for fuel lean con-
ditions C/O below 0.9 (detection limit <10 ppm). At fuel rich condi-
tions (C/O > 1) the amount of oxygen is too little for full conversion
of the fuel to syngas. Here the fuel conversion continuously drops
to 57% at C/O = 2.

Since increasing C/O ratio obviously leads to a decrease of the
amount of fuel that is (partially and totally) oxidized, the reactor
temperatures decrease with increasing C/O ratio (Fig. 3) but stabi-
lizes at approximately 1023 K (750 °C) at C/O = 1.2. This behavior
coincides with the rate of total oxidation products. At lean condi-
tions, H,O and CO, selectivities are as high as 23.1% and 12.6%,
respectively, at C/O = 0.8 leading to a catalyst exit temperature of
as much as 1373 K (1100 °C) (Fig. 3). With increasing C/O ratio,
the selectivities, S;, and even yields, Y;, of the total oxidation prod-
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200 ‘ ‘ ‘ ‘ ‘ 0.00
0.8 1 1.2 14 1.6 1.8 2

C/O

Fig. 3. Measured gas temperature at the catalyst inlet and back face (left) and fuel
conversion (right) as function of C/O ratio for CPOX of i-octane over Rh.
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Fig. 4. Experimentally determined concentration of the major products of CPOX of
i-octane over Rh as a function of C/O ratio.

ucts drop continuously to values of Sp,0=1.9%, Sco, =4.2%,
Yu,0 = 1.7%, Yco, = 4.6% to reach a minimum at C/O ~ 1.2. For high-
er C/O ratios, the amount of both total oxidation products increases
again. Since both fuel and oxygen are consumed completely at lean
conditions (C/O < 1), the temperature directly corresponds to the
stoichiometric composition and kinetic and thermodynamic effects
are basically not significant, that means the fact that lower temper-
atures favor total oxidation over partial, such that the latter does
not play a role. However, at rich conditions (C/O > 1), a more com-
plex behavior occurs. Here, the less available oxygen favors partial
oxidation from a stoichiometric point of view. However, the
decreasing temperature favors total oxidation from a thermody-
namic point of view. Hydrogen selectivity as function of tempera-
ture and C/O ratio at thermodynamic equilibrium, given in Fig. 8,
reveals that the impact of temperature on hydrogen selectivity is
stronger at C/O > 1 for a given C/O ratio in the relevant temperature
range above 973 K (700 °C). Selectivity towards total oxidation in-
creases again at C/O > 1.2 and the temperature remains almost
constant at approximately 1023 K (750 °C). The measured hydro-
gen selectivity is significantly higher than the one expected in ther-
modynamic equilibrium. This behavior is not contradictory to the
reaction sequence, first mainly total oxidation and then mainly
reforming and hydrogen production, because iso-octane conver-
sion strongly decreases with increasing C/O and therefore the sys-
tem is still far away from thermodynamic equilibrium. At C/O < 1.2,
thermodynamics would favor higher hydrogen selectivity due to
higher temperatures with decreasing C/O ratio. However, the lar-
ger amount of oxygen available leads to significant CO, formation
first, and CO, reforming is a very slow process; hence the hydrogen
selectivity decreases.

The increasing amount of by-products with increasing C/O ratio
discussed below also has a minor influence on the temperature and
consequently also on the yields at C/O > 1, which slightly intro-
duces kinetic effects in this discussion on temperature and overall
conversion towards the major products.

It should be noted that homogeneous reaction rates are also
very sensitive to temperature, which means the product distribu-
tion due to homogeneous conversion will not only depend on the
C/O ratio but also on the temperature related to the varying C/O ra-
tio. Due to the thoroughly metering and mixing of fuel and oxygen
up, homogeneous reactions can be excluded upstream the catalyst.
In reference experiments with non-catalytic monoliths, decompo-
sition of fuel was not observed, neither in the reactor inlet nor in
the monolithic section and downstream at the given inlet temper-

atures up to 573 K (300 °C). Further discussion on the impact of
gas-phase chemistry is given in Section 5.5.

The best H- and C-based selectivity for hydrogen and carbon
monoxide production, respectively, can be achieved at C/O ~ 1,
being 94% for both H, (Fig. 5) and CO (not shown). It is noted that
the maximum of syngas yields does not always corresponds ex-
actly to the stoichiometric ratio in CPOX of heavy hydrocarbons
[21]. At lower C/O ratios, the amount of the total combustion prod-
ucts, CO, and H;0, continuously increases but no other products
are observed aside from the syngas. As the C/O ratio is increased
above stoichiometric composition, the selectivity towards hydro-
gen and carbon monoxide decreases and the selectivity for olefins
(C,-Cyq) increases (Figs. 5-7). The selectivity for CO, remains below
4% for all C/O > 1.

5.3. Formation of by-products at C/O > 1

The C-based selectivity and yield of the individual major by-
products, methane, ethylene, propylene, acetaldehyde, and iso-
butylene, are displayed as a function of C/O ratio in Fig. 6, detailed
information on concentrations is given in Fig. 7. All those by-prod-
ucts play a significant role as coke and soot precursors and, hence,
are crucial to understand coke formation in those reactors. Note,
that acetaldehyde is the only observed oxygenated hydrocarbon
cracking product. Its maximum carbon based yield does not exceed
1% even under fuel rich operation conditions of C/O = 2.0. In con-

H Yield

Cracking
<& Products

H Selectivity
o
(3]

Cracking
<& Products

0.8 1 1.2 1.4 1.6 1.8 2
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Fig. 5. Experimentally determined H-based yield (top) and selectivity (bottom) in
CPOX of i-octane over Rh as function of C/O ratio. Cracking products denotes the
sum of all hydrocarbons contained in the products stream except the fuel that is
given separately (i-CgHjs).
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Fig. 6. Experimentally determined C-based yield (top) and selectivity (bottom) in
CPOX of i-octane over Rh as a function of C/O ratio. The amount of unconverted fuel
is expressed as yield (i-CgH;s in top figure).
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Fig. 7. Experimentally determined concentrations of the side-products and the fuel
remaining in the outlet stream of CPOX of i-octane as a function of C/O ratio.

trast to the production of other cracking products, the formation of
methane is not coupled with a breakthrough of the fuel.

Based on concentration (Fig. 7), methane dominates the by-
products under stoichiometric reaction conditions followed by i-
butylene, propylene, and ethylene. Under more fuel rich condi-

4

Temperature [°C]

0.8 1.0 1.2 1.4 1.6 1.8 2.0
c/o

Fig. 8. H,-Selectivty as function of temperature and C/O ratio for i-octane/oxygen
mixtures at thermodynamic equilibrium.

tions, the olefins, in particular i-butylene, reach C-based selectivi-
ties of even more than 10% at C/O > 1.8 (Fig. 6). Thermodynamic
equilibrium calculations at these conditions predict higher meth-
ane concentrations. However, the equilibrium composition will
not be reached yet within the millisecond contact time applied in
the reactor. In the experiment, the formation of carbonaceous spe-
cies or carbon layer at rich conditions is observed on the catalyst
and further downstream on the quartz tube walls. Below C/O =1,
no olefins are detected at all.

5.4. Catalytic reaction kinetics and interaction with mass transport

The experimental set-up used is only able to analyze the chem-
ical composition of the flow field at the reactor outlet that means
the product composition. However, for a more detailed under-
standing the spatial profiles inside the catalyst is of great interest.
Here, we make use of the modeling and simulation tools devel-
oped. Figs. 9 and 10 reveal the numerically predicted two-dimen-
sional species profiles of the reactants, i-octane and oxygen, and
all major products within a single catalyst channel, 0.92 mm in
diameter, at C/O ratio of 0.8 and 1.2, respectively. The profiles were
computed at isothermal conditions with operating temperatures of
1359 K and 1076 K, respectively. At both C/O ratios, the qualitative
reaction analysis reveals two similar main features:

(1) The catalytic surface reaction rate is very fast in the entrance
region. Even though the channel diameter is small, strong
radial gradients are formed in that 1 mm long first region of
the catalyst. Here, the concentrations of both reactants, at
the gas—surface interface almost vanish, that means the over-
all catalytic reaction is clearly mass-transfer limited. Radial
diffusionreally matters and therefore, any modeling approach
needs to account for radial mass transfer in the single channel
what is frequently not considered in literature. Additionally,
the different diffusion coefficients of the individual species
matter; for instance radial profiles of the hydrogen mole frac-
tions are much smaller in comparison with those of CO due to
the higher diffusion coefficient of hydrogen.

(2) As long as some oxygen is available on the surface, total oxi-
dation occurs on the surface. The major products are steam
and carbon dioxide in the first tenths of a millimeter of the
catalyst. In particular, high amounts of H,O are present close
to the surface forming strong radial gradients; this effect is
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Fig. 9. Numerically predicted profiles of molar fractions of reactants and major
products in the entrance region of the catalyst at C/O = 0.8. Flow direction is from
left to right.

Fig. 10. Numerically predicted profiles of molar fractions of reactants and major
products in the entrance region of the catalyst at C/O = 1.2. Flow direction is from
left to right.

more pronounced for C/O = 0.8, because much more total

oxidation occurs at those conditions compared with the case

of C/O =1.2. There is basically no hydrogen formed in the

entrance region of the catalyst, at least as long as oxygen There are two minor but significant difference between lean
is available in the gas-phase close to the surface. Further and rich conditions analyzing the species profiles of the major
downstream, the steam concentration decreases again. In products:

that same region, hydrogen formation begins. Consequently,

partial oxidation of i-octane to synthesis gas rather follows (1) The zone of total oxidation is significantly smaller at rich

an indirect reaction path than a direct reaction path: first
total oxidation occurs, then the remaining fuel is converted
to syngas by steam reforming. This behavior has been seen
before in CPOX of light hydrocarbons [18,30,38].

conditions and consequently more hydrogen is formed in
the first millimeter of the catalyst. The stronger radial H,
and CO gradients for C/O =1.2 are related to this very fast
catalytic reaction rate.
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(2) While the reaction proceeds along the reactor at lean condi-
tions, even though at a declining rate, the formation of all
major products seems to stop at an axial position of
z ~ 1 mm for the case of C/O = 1.2. This behavior will be dis-
cussed in more detail in the next sections.

It should be noted that, for all C/O ratios, the variation of all spe-
cies profiles of the reactants and all four major products down-
stream z =2 mm is rather small and all radial profiles disappear.

5.5. Homogeneous reactions in the gas-phase

It is well known that homogeneous gas-phase reactions are sig-
nificant in catalytic partial oxidation of light hydrocarbons over no-
ble metals, even at the short-contact times of milliseconds and at
atmospheric pressure except for methane [13,15-17,40]. There-
fore, it is expected that reactions in the gas-phase may also overlap
with the catalytic conversion in CPOX of i-octane. In the present
study, a very detailed homogeneous reaction mechanism was cou-
pled with the catalytic reaction scheme as discussed above.

The simulation here reveals that in the lean regime, C/O = 0.8,
gas-phase reactions do not contribute to the overall conversion.
Even though the high reactor temperature of 1373 K (1100 °C) oc-
cur at those lean conditions and a significant surface reaction rate
can still be observed in the middle section (z> 1 mm) of the cata-
lyst, simulation with and without the gas-phase reaction model
do not reveal any difference in the species profiles. This behavior
can be understood by the fact that the radicals formed in the
gas-phase quickly diffuse to the catalytic surface where they ad-
sorb with high probability and recombine. The catalytic surface
consequently acts as sink for radicals and inhibits the formation
of a radical pool large enough to initiate significant conversion in
the gaseous fluid phase. At lean conditions, the model predicts
low surface coverage of the catalyst by adsorbed species (denoted
by Rh(s) in Fig. 12 top) except in the entrance region, that means
there are enough vacant surface sites available for adsorption
and recombination of radicals. At the entrance of the catalyst, the
surface major adsorbed species is oxygen, O(s); in this region total
oxidation occurs and all the water is formed. Further downstream,
oxygen on the surface originates from re-adsorbed water only and
the oxygen coverage is smaller by several orders of magnitude.
Since the few millisecond residence time in the first millimeter
of the catalyst is too short to initiate a sufficiently large radical
pool, no gas-phase conversion occurs along the entire catalytic sec-
tion of the reactor. It should be reminded, that, at lean conditions,
no side-products such as olefins are formed and coking is not ob-
served, neither on the catalyst nor in the downstream monolith
and exhaust channel.

However, at rich conditions (C/O > 1), an increasing amount of
side-products is formed and the catalyst as well as the down-
stream uncoated monolith and the exhaust line are covered with
a carbon layer (coke). It was already discussed that there is basi-
cally no fuel conversion on the catalyst in the downstream cata-
lyst section of z>1mm at C/O=1.2. However, as shown in
Fig. 11, the formation of side-products begins in this area. The
typical coke precursors ethylene, propylene, and acetylene are
formed in this region. Aside from that methane production occurs
in this downstream section. Furthermore, no radial gradients of
species profiles of the products and intermediate radicals (HO,
and CHj in Fig. 11) are formed in the simulation including gas-
phase chemistry. Computed and experimentally determined prod-
uct concentrations of ethylene, propylene, acetylene, and meth-
ane agree qualitatively well within the given simplifications
such as isothermal reactor conditions, neglected interaction of
gas-phase species with coke layer as discussion below. Larger
quantitative deviations between experiment and model are de-
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Fig. 11. Numerically predicted profiles of molar fractions of minor products and
radicals along the entire catalyst at C/O = 1.2. Flow direction is from left to right.

tected for i-butylene and acetaldehyde concentrations. The exper-
imentally determined vs. computed outlet mole fractions for the
case of interest here (C/O=1.2) are: CyHs: 6.4 x 1074 vs.
9.6 x 1074, C3Hg: 1.5 x 1073 vs. 4.0 x 1073, CHy: 9.9 x 1073 vs.
9.1 x 1073, i-C4Hg: 1.5 x 1073 vs. 6 x 103, Potential homoge-
neous conversion in the gas-phase downstream the catalyst
may add to the difference. Note that the gas-phase chemistry
model is taken from literature without any modification.
Summarizing, homogeneous gas-phase reactions lead to the
formation of methane, olefins, acetylene, and other cracking prod-
ucts with a C-based selectivity of up to 20% at rich conditions.
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Fig. 12. Numerically predicted surface coverage as a function of axial position along
the monolith channel: C/O = 0.8, 1359 K (top), C/O = 1.2, 1076.3 K (bottom).

5.6. Coke formation

The model predicts surface coverages of the catalyst with ad-
sorbed species as function of axial position in the reactor, which
is given for two example cases in Fig. 12. At rich conditions, the
model predicts a completely carbon, C(s), covered surface down-
stream of the catalyst, z> 1 mm. In this region, the catalyst is basi-

cally inactive. Since the model does not include interactions
between gas-phase species and carbon on the surface directly,
the gas-phase conversion practically proceeds independent of
any direct influence of the catalytic surface that means radicals
are not recombined on the surface for z>1 mm. However, both
heterogeneous and homogeneous chemistry are coupled, because
the resulting carbonaceous over-layer on the catalyst is a result
of the gas-phase species concentrations near the channel wall
The exact position of this C(s) layer is rather sensitive to small vari-
ations of several physical parameters such as reactor temperature,
catalyst loading, flow rate, diffusion models but always occurs in
the first third of the catalyst at given C/O ratio and is very typical
for the rich regime.

The catalytic monolith shows a very similar behavior after oper-
ation at rich conditions. The picture in Fig. 13 taken of the catalyst
after operation at C/O =1.2 clearly reveals that the downstream
part of the catalyst is covered with a layer of coke. The exact posi-
tion of the onset of the coking layer of cause varies from channel to
channel a bit due to local variations in catalyst loading and other
parameters, also given hints for the oversimplifications in the mod-
el assumptions (“every channel basically is alike”). At lean condi-
tions, such a coke formation is not observed.

Both experiment and simulation reveal fast adsorption and
destruction of i-octane on rhodium at the beginning of the mono-
lith channel, which leads to the formation of carbonaceous species
or carbon layer at rich conditions after consumption of rate limit-
ing oxygen. This inhibition effect prevents or at least drastically
slows down further adsorption and reaction of hydrocarbons and
intermediates on the surface and, therefore, more fuel is available
for homogeneous conversion. An accurate prediction of the posi-
tion where the transition to an almost fully carbon-covered surface
occurs is very difficult. This position is also highly sensitive to the
kinetic parameters. Furthermore, the surface reaction mechanism
does not include a model for the formation of multiple carbon lay-
ers and other “coke” structures possibly formed such graphene lay-
ers, graphite, and whiskers. In the simulation, the formation of the
carbon layer is predicted slightly further upstream than it can be
observed by investigation of the splitted catalyst after experiments
under fuel rich conditions (C/O=1.2). Consequently, predicted
conversion of i-octane decreases faster than experimentally mea-
sured with increasing C/O ratio. However, it is noted that coking
of the downstream section of catalyst is also observed experimen-
tally at rich conditions after half an hour of operation. Coking is a
transient phenomena but the simulation are carried out for stea-
dy-state conditions, that means that the final position of the onset
of coking may still move upstream with time of operation, even
though it may finally be stabilized at the position, at which the gas-
eous oxygen concentration in the gas-surface-interface reaches a
critical low value.

Fig. 13. Photo taken from a catalytic monolith removed from the reactor after
operation C/O = 1.2. The inlet flow enters the catalyst from the left side.
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In particular, the olefins formed in the gas-phase at rich condi-
tions have a high potential to form soot particles further down-
stream of the catalyst, because it will be difficult to cool-down
fast enough the hot product to avoid any further gas-phase reac-
tions and molecular growth will occur [41]. The formed particu-
lates definitely are a threat for any other devices such as fuel
processing systems and fuel cells, which are located downstream
of the CPOX reactor. Adequate measures have to be taken to avoid
either operation of the CPOX reactor in a regime where gas-phase
reactions are likely to produce precursors of particulate matter, to
reduce olefin concentrations with post-catalyst conversion strate-
gies, or to collect the particles formed, e.g. by the filters.

6. Conclusions

This combined experimental, modeling and simulation study
led to a much better understanding of the internal processes in cat-
alytic partial oxidation of iso-octane over rhodium coated mono-
lithic catalyst. A recently set-up laboratory-scale reactor with the
associated analysis was used to provide a fundamental data basis,
in particular revealing the effect of the C/O ratio on conversion,
selectivity, and the formation of soot precursors. Two-dimensional
simulations of the flow field in the single catalytic channels cou-
pled with detailed models for heterogeneous and homogeneous
fuel conversion can substantially support the understanding of
the complex interaction of catalytic and gas-phase reactions as
well as mass transport in short-contact times reactors for the cat-
alytic partial oxidation of larger hydrocarbons over noble metals.

Very high hydrogen and carbon monoxide selectivity was found
at stoichiometric conditions (C/O=1), while at lean conditions
more total oxidation occurs. At rich conditions (C/O > 1), homoge-
neous chemical conversion in the gas-phase is responsible for the
formation of by-products such as olefins that also have the poten-
tial for coke formation, which was observed experimentally and
numerically.

This study also reveals that the chemical models applied - even
though the most detailed ones available were used - need further
improvement. Potential extensions of the models are seen in the
implementation of more sophisticated coking models and a more
detailed description of adsorption of higher hydrocarbons (surface
chemistry) and the evaluation of the gas-phase mechanism
applied.

Furthermore, the numerical algorithms need to be strengthened
as well to be able to include a heat balance in a two-dimensional
simulation that includes thousands of reactions, because studies
on CPOX of light hydrocarbons [40] revealed the strong impact of
temperature on the interaction of catalytic and gas-phase
chemistry.

The recently developed algorithms and implementation in the
computer code DETCHEM®™ANNEL permits, for the first time, two-
dimensional simulations of reactive flows in chemical reactors
with catalytic and non-catalytic fuel conversion using reaction
mechanisms that consist of over 800 chemical species. These mod-
els and computational tools, together with experimental studies in
practical flow reactors at well-defined conditions, offer a new route
for a better understanding of high-temperature catalysis and can
support design and optimization of devices in energy-related
catalysis.
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