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a b s t r a c t

Hydrogen production by catalytic partial oxidation of iso-octane is experimentally and numerically stud-
ied over a rhodium/alumina coated honeycomb monolith at millisecond contact times by varying both
fuel-to-oxygen ratio and flow rates and at varying flow rates. At fuel rich conditions, the formation of
by-products potentially serving as coke precursors is observed. The quantity of by-products strongly
depends on the flow rate. Both fuel conversion and hydrogen yield increase with increasing flow rate,
i.e., decreasing residence time. This extraordinary behavior of autothermally operated short-contact time
eywords:
artial oxidation
eforming
ctane
asoline
hodium
ydrogen

reactors can be understood by the interaction of mass and heat transport and chemical reactions. There-
fore, an elementary-step-like heterogeneous reaction mechanism is implemented into a two-dimensional
flow field description of a single monolith channel, coupled with a heat balance of the entire monolithic
structure.

© 2010 Elsevier B.V. All rights reserved.
odeling and simulation

. Introduction

Hydrogen production from logistic transportation fuels such as
asoline by catalytic partial oxidation (CPOX) is currently of great
cademic and industrial interest [1–8]. In the last decade, partial
xidation of a variety of gaseous and liquid hydrocarbons to hydro-
en and synthesis gas (CO and H2) has been studied over rhodium
ased catalysts. It has been shown that most hydrocarbons can
e autothermally converted to syngas over rhodium within mil-

iseconds at operating temperatures usually above 1000 K. Short
onolithic honeycomb and foam structures made out of metal

xides usually serve as the catalyst carrier. Due to the short resi-
ence time, high fuel throughput and syngas yields can be achieved

n compact reactors operated nearly adiabatically. These features
ake CPOX reactors attractive for on-board supply of hydrogen and

eformate fuel from conventional logistic as well as synthetic fuels,

hich can be integrated into auxiliary power units based on the
roton exchange membrane (PEMFC) and solid oxide (SOFC) fuel
ells [9].

∗ Corresponding author at: Institute for Chemical Technology and Polymer Chem-
stry, Karlsruhe Institute of Technology (KIT), Engesserstr. 20, D-76131 Karlsruhe,
ermany. Tel.: +49 721 608 3064; fax: +49 721 608 4805.

E-mail address: deutschmann@kit.edu (O. Deutschmann).

926-860X/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.apcata.2010.08.051
In CPOX of methane, the short residence time and stability of
the methane molecule prevent homogenous reactions in the fluid
phase at atmospheric pressure [10–12]. However, for any other
heavier fuel, even ethane and propane [13–15], gas-phase reac-
tions at atmospheric pressure are likely at operating temperatures
around 1000 ◦C and contact times on less than 100 ms. Hence,
heterogeneous and homogeneous reactions in CPOX of higher
hydrocarbons are not only coupled by adsorption and desorption of
fuel and oxygen molecules and the products, respectively. The pro-
cess is also highly determined by the adsorption and desorption of
generated intermediates and radicals. Therefore, mass transport of
radicals and intermediates from/to the gaseous bulk phase and the
catalytically active channel wall, mainly by radial diffusion in the
small channels of the monolith being on the order of a quarter to
1 mm, is crucial for the interaction of heterogeneous and homoge-
neous reactions in CPOX reactors [16]. Furthermore, heat transfer
effects become significant for the product composition [17]. For
these reasons, optimization and reliable operation of CPOX reactors
call for a better understanding of the occurring complex interaction
of heterogeneous and homogeneous chemical reactions as well as
their coupling with mass and heat transport.
Due to this complexity in chemistry and species transport, the
application of detailed models for numerical simulation of CPOX
reactors in the literature has only recently been extended from
light hydrocarbon fuels such as methane and ethane [10,11,13,18]
to liquid fuels [16,19,20]. Our group has developed models for CPOX

dx.doi.org/10.1016/j.apcata.2010.08.051
http://www.sciencedirect.com/science/journal/0926860X
http://www.elsevier.com/locate/apcata
mailto:deutschmann@kit.edu
dx.doi.org/10.1016/j.apcata.2010.08.051
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Fig. 1. Sketch of the experimental set-up. The CFD guided development led to a
tube-in-tube configuration that allows a rapid mixing of vaporized fuels with syn-
M. Hartmann et al. / Applied Cat

f higher hydrocarbons including detailed (elementary step) reac-
ion mechanisms for heterogeneous and homogeneous chemical
eactions as well as adequate mass and heat transport models.
n a previous paper, a detailed numerical simulation for CPOX of
so-octane over rhodium was conducted [16]. In particular, the
ormation of undesired by-products and the role of homogeneous
as-phase reactions were considered in this work. Moreover, it has
een shown that the formation of soot precursors occurs through
omogeneous gas-phase reactions at rich operating conditions and
igh temperatures. Even if those soot precursors may not harm the
POX reactor, they present a potential threat for any device further
ownstream such as fuel cells.

In this paper, we present an experimental and numerical study
n the impact of the mass flow rate on conversion, selectivity,
nd operating temperature in an autothermal short-contact-
ime reactor at atmospheric pressure. Iso-octane is used as fuel
erving as gasoline model component. The fuel is converted
ver a rhodium/alumina coated honeycomb monolith. Although
ore complex fuels have already been studied experimen-

ally [19,20,24], the single-component reference fuel iso-octane
i-octane, 2,2,4-trimethylpentane) has been chosen because a
etailed heterogeneous reaction mechanism of CPOX of iso-octane
ver Rh has recently been developed [16]. It is applied in the cur-
ent study without modification. In addition to the mass flow rate
hich has been varied between 2 and 6 splm, the fuel-to-oxygen

atio has been changed from oxygen excess to oxygen deficiency
onditions.

Several authors have studied the effect of flow rate on conver-
ion and selectivity in CPOX reactors. For instance, Krummenacher
t al. discussed the catalytic partial oxidation of several higher
ydrocarbons (e.g. n-decane, n-hexadecane) at short contact times

ocusing on the influence of the fuel on product distribution [21].
eyond the scope of this paper, a beneficial effect of high flow rates
n hydrogen production was noticed. However, no general trend
ould be predicted due to overlapping effects such as coking of
uel upstream the catalyst. Seyed-Reihani and Jackson investigated
he influence of thermal operation conditions on CPOX of n-butane
ver supported Rh catalysts [22]. In accordance to the experimen-
al data presented in this work, lower fuel conversions and a trend
owards total oxidation were observed at low flow rates and after
emoval of thermal insulation of the catalytic reactor. Beretta and
orzatti studied the CPOX of ethane and propane under isothermal
peration conditions from 500 to 720 ◦C in an annular reactor [23].
hereas for platinum catalysts the selected flow rate had no effect

n product distribution at constant temperatures, for rhodium, a
otable impact was found for intermediate residence times.

. Experimental set-up and measurement procedure

.1. Experimental set-up

Asides from measuring the reactor performance as functions of
arying external parameters, a major objective of the employed
xperimental set-up is the delivery of well-reproducible data for
he development and evaluation of detailed chemical reaction

odels. This implies that the used reactor configuration must guar-
ntee well-defined initial and boundary conditions, which gave
uidance for the design of the set-up. The development was sup-
orted by CFD simulations of the mixing process, leading to a
ube-in-tube configuration that allows a rapid mixing of vaporized

uels with synthetic air to feed the catalyst with a homogeneous,
ulse-free mixture at a uniform temperature [19]. Fig. 1 gives a
echnical illustration of the reactor configuration and the fuel/syn-
ir mixing process. A detailed description of the experimental
et-up is given elsewhere [16].
thetic air to feed the catalyst with a homogeneous, pulse-free mixture at a uniform
temperature.

All relevant species present in the product stream are detected
by a variety of simultaneously applied analytical methods: FT-
IR, MS, and a paramagnetic gas analyzer. A combination of these
techniques ensures well-closed balances for carbon, hydrogen, and
oxygen and permits time-resolved monitoring of at least 12 species
on the order of seconds. Further carbon containing species are
detected by GC–MS, however with much smaller time-resolution.
Typical atom balances that are reached with this combined method
were between the following limits: 94% < H < 101%, 91% < C < 99%
and 98% < O < 103%.

2.2. Catalyst

An industrially manufactured honeycomb catalyst (900 cells
per square inch (cpsi); rhodium loading = 1.41 mg/cm3) is used.
The monolith is made out of cordierite and is 10 mm in length
and 19 mm in diameter. The inner channel walls are coated with
rhodium dispersed in an alumina washcoat; no further additives are
used. The catalyst is positioned 200 mm downstream of the mix-
ture inlet. Upstream and downstream of the catalyst, an uncoated
foam monolith (�-Al2O3, 85 pores per inch (ppi)) and an uncoated
honeycomb monolith (600 cpsi), respectively, are placed close to
the catalyst. Both non-catalytic monoliths are 10 mm in length and
19 mm in diameter and are used as heat shields and fixations for
thermocouples (front face: Type K, back face: Type N).

2.3. Measurement procedure

The C/O ratio is used as parameter for the description of the
composition of the mixture entering the catalyst; it is defined as
the ratio of the total number of carbon atoms to the total number of
oxygen atoms in the inlet mixture. The C/O ratio is varied between
0.8 and 1.3 at a constant dilution with 80 vol.% nitrogen. After light-
off, the reactor is operated autothermally, which means the furnace
initially used for light-off is switched off. Fuel and synthetic air are
fed to the reactor at 463 K (190 ◦C).

To investigate the effect of residence time on the catalytic partial
oxidation of higher hydrocarbon fuels, the total flow rate of the
inlet mixture has been varied from 2 to 6 slpm in small steps of
1 slpm. These flows correspond to gas hourly space velocity (GHSV)
between 42 500 h−1 at 2 slpm and 127 000 h−1 at 6 slpm referred to
standard conditions (298.15 K, 1013.25 mbar).

After reaching steady state, experimental data is collected for
10–15 min at each C/O ratio. No aging due to sintering or cok-

ing of the catalyst could be observed during this period. Steady
states could be reached again after completion of all measurements
between C/O = 0.8–1.3. No hysteresis is observed.



1 alysis

3

3

a
c
s
e
N
i
r
t
T
s
o
r
d
a
p

M

A

R

T

S ,

S

a

�

H
a
r
t
h
m
t
n
c
t
l
d

b
o

�

46 M. Hartmann et al. / Applied Cat

. Modeling approach and numerical implementation

.1. Flow field in the catalytic channel

The single catalytically coated channel is approximated by an
xis-symmetric cylinder leading to the axial and radial spatial
oordinates as independent variables. The basis of the flow field
imulations are the Navier–Stokes equations coupled with a gov-
rning equation describing the heat transport in the fluid phase.
ine governing equations describe convection, diffusion and chem-

cal reactions of the relevant species as discussed below. Since the
esidence time in the monolith is on the order of milliseconds, the
ransport in the axial direction is mainly determined by convection.
herefore, axial diffusion can be neglected reducing the elliptical
tructure of the steady-state Navier–Stokes equations to a parabolic
ne by application of a boundary-layer approximation [25–27]. The
esulting governing equations are a large system of parabolic partial
ifferential equations (PDEs) with nonlinear boundary conditions
rising from the coupling between the gas-phase and the surface
rocesses:

ass continuity :
∂�u

∂z
+ 1

r

∂(r�v)
∂r

= 0, (1)

xial momentum : �u
∂u

∂z
+ �v

∂u

∂r
= −∂p

∂z
+ 1

r

∂

∂r

(
�r

∂u

∂r

)
, (2)

adial momentum : 0 = ∂p

∂r
, (3)

hermal energy : �cp

(
u

∂T

∂z
+ v

∂T

∂r

)
= 1

r

∂

∂r

(
r�

∂T

∂r

)

−
Ng∑

k=1

cpkJk,r
∂T

∂r
, (4)

pecies continuity : �u
∂Yk

∂z
+ �v

∂Yk

∂r
= −1

r

∂(rJk,r)
∂r

(k = 1, . . . , Kg)

(5)

tate equation : p = �RT

W̄
, (6)

nd Jk,r = −Dm
k

Wk

W̄
�

∂Xk

∂r
, (7)

= �(Y, T), Y = Y1, Y2, . . . , YKg . (8)

ere, z and r are the axial and radial coordinates, respectively, u
nd v are the axial and radial components of the velocity vector,
esp., p is the pressure, T is the temperature, Yk is the mass frac-
ion of species k, � is the viscosity, � is the mass density, cp is the
eat capacity of the mixture, � is the thermal conductivity of the
ixture, cpk is the species heat capacity of the kth species, Kg is the

otal number of gas-phase species, Jk,r represent the radial compo-
ents of the diffusive flux vector of kth species pointing from the
enter to the wall, hk is the heat enthalpy of the kth species, Wk is
he molar mass of the species k, W̄ is the mixture mean molecu-
ar weight, and R is the universal gas constant, Dm

k
is the mixture

iffusion coefficient of the kth species.

At the catalytic surface, the gaseous species mass flux produced

y heterogeneous chemical reactions is balanced by the mass flux
f that species in the gas phase at the gas–surface interface, i.e.,

Fcat/geoṡkWk = −Jkr (k = 1, . . . , Kg), (9)
A: General 391 (2011) 144–152

where

ṡk =
Ns∑
i=1

�ikkfi

Kg+Ks∏
j=1

c
�′

jk

j
(10)

is the creation or depletion rate of gas phase (k = 1, . . ., Kg) and sur-
face (k = Kg+1, . . ., Ks) species due to the adsorption and desorption
on/from the catalytic surface and reactions among surface species;
Ks is the total number of adsorbed (surface) species including a
vacant adsorption site species, Ns is the number of all reactions
involving the catalyst; cj are species concentrations, and �ik are
the stoichiometric coefficients of the reaction equations. The factor
Fcat/geo describes the ratio of catalytic active to geometric surface
area, which corresponds to the amount of catalyst available for sur-
face reactions. In this work, Fcat/geo was experimentally determined
to be 15 by CO chemisorption measurements. The effect of finite
diffusion in the washcoat on the reaction rate is treated by adding
an effectiveness factor, �, into the boundary conditions (Eq. (9)).
The effectiveness factor is an algebraic expression in terms of the
Thiele modulus and can be computed along with the surface reac-
tion rates. Since the washcoat layer is thin in the monolith used
here, the effectiveness factor is close to unity. For more details, we
refer to a recent study on the impact of washcoat diffusion on mass
transport in monolithic catalysts [28].

Eq. (10) is also applied to calculate the creation or depletion
rate of adsorbed species and the surface coverage, �k = ck	k/
 , with

 and 	k being the surface site density and the number of sites
occupied by adsorbed species k, respectively. The forward rate coef-
ficient kfi of surface reaction i is calculated by a modified Arrhenius
expression,

kfi = AiT
ˇi exp

(
−Eai

RT

) Ks∏
k=1

��ki
k exp

(
εki�k

RT

)
, (11)

where �ji and εji are parameters describing an additional depen-
dence of the rate coefficients on the surface coverage [25,29].

In the steady-state, all adsorbed species (surface species) will
obey a non-linear algebraic equation system

ṡk = 0 (k = Kg + 1, . . . , Kg + Ks). (12)

The resulting PDEs are semi-discretized by a method of lines
leading to a large-scale, structured, differential algebraic equa-
tion (DAE) system, which is solved using the computational code
DETCHHEMCHANNEL; for more details, we refer to [22–24,30].

3.2. Modeling the heat transfer in the catalytic monolith

Due to the thermal insulation shielding the monolith, the radial
temperature gradient across the catalyst is small. Since uniform
inlet conditions are ensured, all channels of the monolith behave
essentially alike. In this case, only one representative channel needs
to be analyzed. However, heat losses due to radiation, in particular
of the front and back side of the catalytic monolith, may have a
severe effect on the temperature profile. The amount of heat loss
primarily depends on the temperature of the solid structure of the
catalyst. Therefore, we also model the heat transfer of the catalytic
monolith in this study.

Individual channels are combined into a transient temperature
model for the monolithic bulk. The temperature field of the mono-
lith is treated as a homogeneous continuum in two dimensions. The
evolution of the transient temperature field T can be written as:
�cp
∂T

∂t
= − ∂

∂xi
˚H,i + qH, (13)

with � effective density of the monolith, cp specific heat capacity,
˚H heat flux vector, and qH heat source term due to heat trans-
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er between solid bulk and with fluid flow in the channels at the
as–surface interface. The diffusive heat flux inside the monolith is
odeled by anisotropic heat conduction

H,i = −�ij
∂T

∂xj
, (14)

here the heat conduction coefficient � can take different values
or the axial and radial directions. The modeled reactor may con-
ist of several layers with different material properties to account
or insulation, etc. All properties are functions of temperature.

fixed temperature or arbitrary heat fluxes including terms for
onduction, convection, or radiation can be defined as boundary
onditions. The heat source terms are calculated during the simula-
ion of the gas-phase flow through the channels. The heat transfer
rom the gas phase into the solid or vice versa is indicated by a
hange of the integral enthalpy flux Ḣgas in the gas phase:

H = −	
∂Ḣgas

∂x1
. (15)

he channel density 	 denotes the number of channels per unit area
f the cross-section. Since the numerical simulation of the fluid flow
s the most time consuming step, not every possible channel is sim-
lated in detail. A representative number of channels needs to be
onsidered only. Using a cluster algorithm the choice of represen-
ative channels can be conducted efficiently [30]. This approach
s realized in the computer code DETCHEMMONOLITH [31], which
ses the code DETCHEMCHANNEL for the simulation of the individual
hannels.

.3. Surface reaction mechanism

Several global reactions have to be considered in partial oxida-
ion of logistic fuels reaching from total oxidation (Eq. (16)) versus
artial oxidation (Eq. (17)), steam and dry reforming (Eqs. (18) and
19)) to water gas shift reaction (Eq. (20)), methanation (Eq. (21)),
arbon deposition (e.g. by the Boudouard reaction, Eq. (22)), pyrol-
sis (e.g. formation of ethylene), and molecular weight growth, i.e.,
ormation of soot and soot precursors. Using i-octane as example,
hose reactions can be written as:

-C8H18 + 12.5O2 → 8CO2 + 9H2O, �H298◦ = −5457 kJ mol−1,

(16)

-C8H18 + 4O2 → 8CO + 9H2, �H298◦ = −659.9 kJ mol−1, (17)

-C8H18 + 8H2O → 8CO + 17H2, �H298◦ = +1261 kJ mol−1, (18)

-C8H18 + 8CO2 → 16CO + 9H2, �H298◦ = +1590 kJ mol−1, (19)

O + H2O → CO2 + H2, �H298◦ = −41 kJ mol−1, (20)

O + 3H2 → CH4 + H2O, �H298◦ = −206 kJ mol−1, (21)

CO → C + CO2, �H298◦ = −172 kJ mol−1. (22)

hese reactions may not only occur on the catalytic surface but
lso in the gas phase due the high operating temperatures. In par-
icular, pyrolysis and the formation of soot precursors and soot are
xpected to occur in the gas-phase [16]. The only way to really
nderstand the reaction complexity of reforming of higher hydro-
arbons is the application of chemical models that are based on
he molecular behavior as much as possible. Therefore, the cur-
ent study applies elementary-step-like reaction mechanisms for
he catalytic conversion. Since the scope of this work is about the

nderstanding of the impact of flow rate on temperature, con-
ersion and product selectivity, we keep the system as simple as
ossible in the presented study. For these reasons, gas-phase reac-
ions are not considered and a detailed surface reaction mechanism
s applied in the chemistry model only. In former studies [16,19] we
A: General 391 (2011) 144–152 147

could show that homogeneous conversion only occurs at C/O ratios
above unity in CPOX of i-octane leading to pyrolysis subsequently
followed by formation of soot precursors and soot. For interpreta-
tion of experimental data, we here present modeling results for C/O
equal or smaller than unity.

The surface reaction model is taken from our former study
[16] without any modification. This model for heterogeneous par-
tial oxidation of i-octane on the rhodium-based catalysts uses a
detailed surface reaction scheme for partial oxidation of C1–C3
species coupled with two additional “lumped” reactions for adsorp-
tion of i-octane assuming that i-octane adsorption quickly leads to
the species that are explicitly described by the detailed part of the
mechanism. The detailed surface reaction mechanism consists of 56
reactions among 9 gas-phase and 17 surface adsorbed species. The
detailed mechanism coupled with the global reactions describes all
global reactions (Eqs. (16)–(22)) via a complex reaction network
except olefin production and soot formation, which are unlikely
to occur heterogeneously. The mechanism includes steps that can
lead to a monolayer of carbon.

4. Results

The presented yield YP of the product species P is calculated in
terms of the measured reactor outlet flow rates of molar C or H in
the product species P divided by the molar inlet carbon or hydrogen,
flow rates referring to the fuel:

YH
P = �H

P ṅP

�H
Fuelṅ

In
Fuel

and YC
P = �C

P ṅP

�C
Fuelṅ

In
Fuel

, (23)

with �H,C
P,Fuel = number of H or C atoms in the product species P or

in the fuel, ṅIn
Fuel and ṅP = inlet fuel and outlet product molar flow

rate. Therefore, YP describes the molar distribution of carbon or
hydrogen in the product spectra after the reaction.

Fig. 2 presents the yields of hydrogen and water over the inves-
tigated range of space velocities and C/O ratios. In general, towards
oxygen rich inlet feeds with C/O < 1.0, total oxidation of the fuel is
favored. For all space velocities, the maximum of hydrogen produc-
tion is observed at C/O = 1.05. However, the H2 yields as function of
C/O ratio are varying with the selected flow rate. At longer residence
times (V in

total = 2 − 3 slpm; GHSV = 42 500–63 000 h−1), higher H2O
yields are observed, indicating a trend towards more total oxida-
tion. For space velocities faster than 4 slpm (GHSV = 85 000 h−1)
a limitation in the production of both hydrogen and water is
observed. However, an increase in space velocities from 4 to 6 splm
(GHSV = 85 000 h−1–127 000 h−1) results in a constant yield of
YH

H2
= 0.94 at C/O = 1.05 for hydrogen and YH

H2O = 0.04 at C/O = 1.05
for water production. In comparison to the generation of hydro-
gen, the minimum in water yield is slightly shifted towards fuel
rich C/O ratios. For space velocities ranging from 4 to 6 slpm, the
minimum of yielded water is reached at C/O = 1.1 (YH

H2O = 0.021)

and at C/O = 1.2 (YH
H2O = 0.04) for 3 slpm, respectively. The mini-

mum for the slowest tested space velocity of V in
total = 2 slpm is not

reached within the range of investigated reactant compositions of
C/O ≤ 1.3.

Fig. 3 displays the measured temperature at the catalyst outlet.
Overall, the temperature is increasing under oxygen rich condi-
tions whereas under fuel rich conditions a decline in the catalyst
exit temperature can be observed for all tested contact times. Both
the magnitude of temperature changes and the point of inflexion

at C/O = 1.0–1.3 are correlated to the slope and minimum water
production according to the highly exothermic reaction enthalpy
of the total oxidation reaction. However, besides equal rates for
water and hydrogen production for flow rates from 4 to 6 splm
(GHSV = 85 000 h−1–127 000 h−1) a parallel shift in the catalyst exit
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Fig. 2. Measured H atom based yields of H2 and H2O in CPOX of i-octane as function
of flow rate and C/O ratio.
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temperature is recorded. The temperature increases by approxi-
mately 10–14 K over the entire investigated range of C/O ratios by
an increase from 4 to 5 slpm (GHSV 85 000–105 800 h−1) and from
5 to 6 slpm (GHSV 105 800–127 000 h−1), respectively.

Fig. 4 presents the experimentally determined yields of the by-
products methane, ethylene, and propylene as well as the total
sum of hydrocarbons at the reactor exit including unconverted
fuel. The experiments reveal that for low space velocities between
2 and 3 slpm (GHSV = 42 500–63 000 h−1), a full conversion of the
injected fuel cannot be reached even if an excess of oxygen is
available (Fig. 5). In general, one would assume that conversion
increases with residence time, but here, we clearly see a decrease
of conversion with increasing residence time, which will be dis-
cussed below. Correspondingly, an increase in the production of the
thermal decomposition products methane, ethylene and propylene
is observed. For flow rates exceeding 4 slpm (GHSV > 85 000 h−1)
complete fuel conversion is reached under oxygen rich condition.
No generation of any thermal cracking products is observed at these
contact times. At closed balances, H2 and H2O are the only detected
reaction products. However, emerging at stoichiometric reactant
composition of C/O = 1.0, the yields of cracking products are inten-
sively increasing. At C/O = 1.15 the level of methane, ethylene,
propylene production at high flow rates (V in

total > 4 slpm; GHSV
>85 000 h−1) is exceeding those at low flow rates. Proportional
ratios of propylene and ethylene yields are found over the entire
range of observed C/O ratios and space velocities.

5. Discussion

The results reveal that the residence time (flow rate) has a sig-
nificant impact on fuel conversion, hydrogen yield, formation of
by-products, and the catalyst outlet temperature. It is also clearly
shown that longer residence times do not favor higher conversion
and hydrogen yields. Actually, the reactor performance improves
with increasing flow rates, which means with decreasing residence
time, at least up to the values studied here. Indeed, the maximum
fuel conversion and hydrogen yield, as well as the minimum forma-
tion of undesired by-products is achieved at high flow rates. This
behavior will be discussed in the remainder using detailed trans-
port and chemistry models and the computer package DETCHEM.
Due to the large amount of parameters studied, it will be focused
on the C/O ratio of 0.8.

5.1. Reaction analysis in the single channel

The principal behavior of fuel conversion in the Rh coated mono-
lith channel is exemplarily shown in Fig. 6 for the case of C/O = 0.8
and a flow rate of 4 slpm. A full heat balance of the monolith is sim-
ulated providing the surface temperature profile of the channel. A
channel positioned in the centerline of the monolith was chosen.
The measured gas-phase temperature at the intersection between
the upstream heat shield and the catalyst was chosen to have an
inlet temperature of 625 K.

The gas-phase temperature increases rapidly and reaches the
solid temperature of the monolith in approximately 1 mm. The
highest temperature is predicted at the leading edge of the catalytic
channel wall reaching 1504 K. In this first section, total catalytic
oxidation of the fuel leads to the formation of water, CO as inter-
mediate species, and CO2; very little hydrogen is formed. Close to
the surface, the oxygen, but also almost all the fuel, is consumed,

leading to strong radial but also axial concentrations gradients; the
overall reaction here is obviously mass-transfer limited. The rate
determining step is the diffusion of oxygen towards the catalyti-
cally coated wall. Within 1.5 mm, all the oxygen is consumed, even
in the bulk fluid. In this region, the water concentration reaches
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and the steam and CO concentrations decrease, the water-gas-shift
(WGS) reaction plays the decisive role here. Since WGS is a rather
slow kinetically controlled process, only week radial and axial pro-
files occur. The temperature in the gas-phase slightly increases
again due to the exothermicity of WGS, even though there is an
overlapping effect due to the heat loss of the monolith as discussed
below. These results agree well with the conclusions of Donazzi et
al. [31] reporting independent kinetics of direct and reverse WGS
reactions when the system is far away from equilibrium, which also
is the case for the conditions studied in the present paper. These
findings show that the question of fast or slow equilibration of the
WGS reaction depends on the operating conditions, i.e., WGS of
CPOX of hydrocarbons over Rh may be well-equilibrated at differ-
ent partial pressures and temperatures as discussed by Wei and
Iglesia [32].

In contrast to the central channels of the monolith, the more
exterior channels of the monolith have a continuously decreasing
gas-phase temperature (not shown here). Summarizing, catalytic
partial oxidation is here realized by (almost) subsequent total oxi-
dation, steam reforming, and water-gas-shift.

The computed surface coverages shown in Fig. 7 can be inter-
preted by the same reaction sequence. Most of the surface is vacant
at high temperatures. At the catalyst entrance, oxygen is the pri-

mary adsorbate leading to total oxidation. Further downstream,
adsorbed oxygen originates from re-adsorbed water molecules and
is involved in the steam reforming and water-gas-shift reactions.
The primary adsorbates are CO and atomic hydrogen, the later one
recombines to produce the desired molecular hydrogen.
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Fig. 6. Numerically predicted gas-phase temperature profile and mole fractions of
iso-octane, O2, H2, H2O, CO, and CO2, in the catalytic channel at C/O = 0.8 and 4 slpm.
The symmetry axis of the channel and the gas–wall interface are at r = 0 and 0.3 mm,
respectively.

Fig. 7. Numerically predicted surface coverage and surface temperature along the
channel wall at C/O = 0.8 and 4 slpm.
Fig. 8. Numerically predicted steady-state monolith temperature at C/O = 0.8 and
4 slpm. The symmetry axis of the monolith is at r = 0; the flow direction is from left
to right.

5.2. Temperature field in the catalytic monolith

The computed temperature of the solid structure is shown in
Fig. 8, again for the reference case of C/O = 0.8 and 4 slpm. The simu-
lation includes radiative heat losses at the front and back side of the
catalytic monolith and heat conduction at the monolith–thermal
insulation interface. Those heat losses lead not only to radial tem-
perature profiles but also to a significant temperature decrease in
axial direction. In particular, the channels closer to the exterior wall
will experience lower temperatures, which also have an impact
on conversion and selectivity. This effect becomes stronger with
increasing residence time, i.e., decreasing mass flow rate, because
the ratio of the overall heat release due to the exothermic CPOX
to the heat loss to the environment decreases with increasing res-

idence time. A second effect is that at high flow rates the reaction
zone moves a bit further downstream. Hence, the radiation losses
at the front side of the catalyst decrease slightly.
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Fig. 9. Catalyst outlet temperature as function of space velocity at a given C/O = 0.8;
experimental data versus simulation, (a) single channel simulation without heat
losses, (b) monolith simulation with heat losses.
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In Fig. 9, the experimentally determined outlet temperature
nd the numerically predicted outlet temperatures using differ-
nt models are compared. The first model applies a single channel
imulation with adiabatic boundary conditions. The inlet tempera-
ure is taken from the experiment measured slightly upstream the
nterface between the front foam and the catalytic monolith. The
econd model is exactly the one described above, in which an entire
onolith was simulated. Here, heat losses at all monolith bound-

ries are taken into account (Fig. 8). The temperature displayed in
ig. 8 originates from averaging over the predicted back side of the
onolith. Even though one may argue that the measured inlet and

utlet temperatures definitely will have some uncertainties due
o an imprecise thermocouple position and potential differences
etween gas-phase and solid temperatures and that the model heat

oss parameters such as emissivity, reference temperature, ther-
al conductivity, and inlet temperature are difficult to estimate,

ignificant conclusions can be drawn from the results.
First of all, the temperature trend in the adiabatic case is oppo-

ite to the one observed; the outlet temperature decreases with
ncreasing flow rate, which can be understood by the reaction
equence discussed above. Since the slow, slightly exothermic WGS
eaction is the last step after very rapid, strongly exothermic total
xidation and still fast but slightly endothermic steam reforming
Fig. 8), temperature increases with increasing residence time. The
ighly coated catalyst used in the present study is very active. Push-

ng the flow rate to much higher values or using a significantly less
ctive catalyst would eventually lead to an increase in the catalyst
emperature, because WGS would not occur in the catalyst zone,
nd the endothermic reforming step would be the last reaction
ccurring on the catalyst. In that case, higher flow rates would lead
o less reforming and consequently to higher temperatures. This
ehavior at extremely high flow rates has been described in CPOX
f methane over Rh, for instance [33]. This temperature increase
ith flow rate is really caused by the reaction sequence and not by
eat losses as discussed below, which is also proven by fuel and
xygen breakthrough [32].

However, in the current paper, the flow rates were moderate.
ere the impact of heat losses is much stronger. The outlet temper-
ture predicted by the model that accounts for the heat loss effects
grees qualitatively rather well with the experimentally deter-
ined ones. Actually, more precise simulations including detailed

imulation of the heat balances in the front and back heat shields
Fig. 1) and using improved estimates of heat transfer parame-
ers [34,35] may also lead to a very good quantitative agreement
etween model and experiment. However, in the light of the given
ncertainties of the temperature measurements, it do not seem
ecessary to discuss the observed results. The increase in temper-
ture with increasing flow rate observed in this study can simply
e understood by the effect of heat losses. The total amount of heat
eleased by the reaction almost linearly increases with flow rate,
ecause fuel is fully converted in the first zone of the catalyst. How-
ver, since higher temperatures favor the less exothermic partial
xidation over the highly exothermic total oxidation, there is a kind
f self-limiting process concerning the temperature increase. Con-
equently, the temperatures do not increase extraordinarily with
ncreasing flow rate. The total amount of heat losses to the ambi-
nce by thermal conduction and radiation mainly depends on the
emperature of the solid structure, which indeed is higher, but not
o much higher to compensate for the larger heat release effect.
ummarizing, the ratio of chemical heat release to thermal heat loss
ncreases with increasing flow rate, and therefore the temperature

ncreases.

As shown in Fig. 8, the more exterior channels exhibit lower
emperatures, which consequently has an impact on the concen-
ration profiles in the individual channels, not all channels behave
ssentially alike. Hence, a single-channel simulation would not be
A: General 391 (2011) 144–152 151

able to present the behavior of the entire monolith. However, due
to this self-regulating process discussed above, it was seen (exper-
imentally and numerically) that conversion and selectivity did not
change significantly when we used the different models; even a
single channel simulation at isothermal conditions using the mea-
sured outlet temperature led to a very similar product composition,
at least for the case of C/O = 0.8.

Even though the outlet temperature differs by almost 200◦ for
the flow rate variation considered, the exit composition barely
changes at C/O = 0.8 (Figs. 2–5). Analogous to the discussion above,
this behavior can be explained by a detailed analysis of chemical
reaction pathways and heat transfer effects.

The product composition strongly depends on the flow rate at
higher C/O ratios. Remarkably, at C/O = 1 the exit temperatures do
not significantly vary with flow rate but the hydrogen yields do.
Using the detailed surface reaction mechanisms, 2D single channel,
flow field simulations coupled with the monoliths (all three) heat
balances, this behavior can be explained. The occurrence of ethy-
lene and other pyrolysis products at C/O > 0.8, however, can only
be explained by taking gas-phase reactions into account, which
has been done for isothermal single channel simulations only [16].
The application of the full monolith model is needed to explain
the dependencies of those products on flow rate, which is a very
demanding computer job and beyond the scope of the current
paper.

In general, the generation of hydrocarbon cracking products
from initial fuel is very small under oxygen rich conditions. The car-
bon based yield of all tracked major hydrocarbon fragments such
as methane, propylene, and ethylene is not exceeding five percent
in total (Fig. 5). However, the increase in reactor temperature due
to a relatively decreasing heat loss at higher flow rates is enhancing
the endothermic steam reforming of the fuel. As a result, the ele-
vated temperatures lead to total fuel conversion at C/O < 1 and flow
rates above 4 slpm. Consequently, no homogenous thermal decom-
position products such as methane, propylene, and ethylene can be
observed under these operation conditions.

6. Conclusions

This combined experimental, modeling, and simulation study
led to a much better understanding of the relation between flow
rate, chemical heat release, and thermal heat losses in catalytic
partial oxidation of iso-octane – serving as a logistic fuel model
component – over a rhodium coated monolithic catalyst. A recently
set-up laboratory-scale reactor with the associated analysis was
used to provide a fundamental data basis, in particular revealing
the effect of the flow rate and C/O ratio on conversion, yield, the
formation of soot precursors, and autothermal reactor tempera-
ture. Two-dimensional simulations of the flow field in the single
catalytic channels coupled with detailed models for heterogeneous
fuel conversion can substantially support the understanding of
the reaction sequences and help to understand the experimentally
observed behavior. Although the simulation-assisted discussion of
the experimental behavior was conducted for one C/O ratio only, it
was exemplarily shown how molecular based models can support
a better understanding of the reactor behavior.
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