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A modeling and simulation concept is presented for a better understanding of the interaction of heter-
ogeneous and homogeneous conversion with mass and heat transfer in compact, autothermal reformers
of logistic fuels for the production of hydrogen-rich synthesis gas. The model couples elementary-step
based reaction mechanisms with a two-dimensional parabolic description of the flow field in a represen-
tative number of monolith channels and of heat transport in the entire solid structure of the reactor
including catalyst, heat shields, insulation, and reactor wall. The concept is applied to analyze conver-
sion, selectivity, and temperature profiles in partial oxidation of iso-octane, a gasoline surrogate, over
a rhodium/alumina monolithic catalyst. The counter-intuitive flow rate effect on hydrogen yield is
explained by the ratio of chemical heat release to physical heat loss. Coking tendency is related to the
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1. Introduction

The better understanding of the kinetics of homogeneous
combustion systems and the development of elementary-step reac-
tion mechanisms in the second half of the last century led to the de-
tailed modeling and simulation techniques that are commonly used
today to support development, design, and optimization of technical
combustion systems [1-8]. In the last two decades, the progress in
fundamental surface sciences and the development of diagnostic
tools for studies of near-wall effects also allowed the development
and, subsequently, the application of heterogeneous reaction mech-
anisms in modeling and simulation of catalytic combustion systems
[9-15]. In both homogeneous and heterogeneous combustion the
interaction of kinetics with mass and heat transfer is well-known
to be essential for a reliable prediction of the combustion device’s
behavior. Even though turbulent flows are still not fully understood,
today’s models allow decent numerical simulation of the interaction
of transport and chemistry in combustion devices. Significant pro-
gress has also been made in the computation of catalytic combustion
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systems during the last years. In the 1990s, research focused on cat-
alytic combustion of light hydrocarbons, in particular of natural gas,
at lean conditions driven by potential gas-turbine applications
[16-18] and atrich conditions driven by new routes to produce basic
chemicals such as synthesis gas (CO and H,) and olefins [19,20].
Later, special attention was given to new features of catalytic com-
bustion in microreactor devices, in particular looking at flammabil-
ity limits as well as ignition and extinction behavior, which often
differ from the well-known behavior in macro-scale systems
[21,22]. Even though the interaction of heterogeneous and homoge-
neous reactions in those devices was elucidated to be essential for
conversion of C,. species and at high pressures, for instance, for
the understanding of the synthesis of ethylene by oxy-dehydrogena-
tion of ethane over platinum [23,24], the chemical reactions
schemes used were still rather simple, having few hundred reactions
at maximum. In modeling of automobile exhaust-gas after-treat-
ment systems with detailed reaction schemes, which has been
becoming more popular in the last decade [25,26], there is little
impact of homogeneous reactions on the overall conversion of the
pollutants. The challenge here is rather the continuous variation of
all inlet conditions and the channel-to-channel variations coupled
with transient heat transfer phenomena.

Today, in the debate on alternative fuels and green-house
gases, devices are discussed in which the coupling of complex
homogeneous and heterogeneous chemical reaction schemes with
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heat and mass transfer matters for reactor and combustor behavior,
often even superimposed by transient modifications of the active
catalytic phase, e.g. by oxidation and coking. Two examples of such
systems being currently of great technological interest are the
solid-oxide fuel cell (SOFC) [27,28] when operated with non-pure
hydrogen fuels, e.g. partially reformed logistic fuels, and short-con-
tact time reactors for reforming gasoline and diesel fuels [29,30], for
instance, as first stage of an on-board auxiliary power unit (APU). The
non-linear coupling between a variety of physical and chemical pro-
cesses in such chemical reactors sometimes leads to counter-intui-
tive experimental observations such as the increase in conversion
with decreasing residence time in short-contact time reactors.

In this paper, we will present a modeling and simulation study
on a catalytic reformer for the production of hydrogen-rich synthe-
sis gas from the gasoline surrogate iso-octane. This example exhib-
its all features mentioned above: complex homogeneous and
heterogeneous reaction schemes, mass and heat transfer effects
as well as catalyst deactivation. Coupling of models of these phe-
nomena and their computational implementation will not only
be used to numerically predict the reactor behavior at varying inlet
conditions such as flow rate and fuel-to-oxygen ratio but also to
explain interesting reactor phenomena such as the increasing con-
version with decreasing residence time.

Recently a variety of studies has been published with the focus
on hydrogen production from logistic transportation fuels by cata-
lytic partial oxidation (CPOX) [30-37]. In the last almost two dec-
ades, the pioneering work of the Schmidt group at Minnesota led to
hundreds of studies, in which basically all gaseous, liquid, and solid
hydrocarbon containing fuels, from natural gas to biomass, have
been shown to efficiently produce synthesis gas over rhodium-
based catalysts within a fraction of a second. The used so-called
short-contact time reactor can be operated autothermally at tem-
peratures above 1000 K. Short monolithic honeycomb and foam
structures made out of metal oxides usually serve as catalyst car-
rier. Due to the high fuel throughput the reactors are nearly adia-
batic; however, the small heat release is of importance for
understanding the reactor behavior at varying flow rate. Compact
designs can be realized due to high throughputs making CPOX
reactors attractive for on-board supply of hydrogen and reformate
fuel from conventional logistic as well as synthetic fuels, which can
be integrated into auxiliary power units based on proton exchange
membrane (PEMFC) and solid-oxide (SOFC) fuel cells [38].

Homogeneous conversion of methane in the gas phase of CPOX
reactors requires high pressure and temperatures above 1200 K
due to the short residence time and its low reactivity [39-41].
However, gas-phase reactions are likely for any heavier hydrocar-
bon fuel, even at atmospheric pressure [23,42,43]. Hence, hetero-
geneous and homogeneous reactions in CPOX of higher
hydrocarbons are not only coupled by adsorption and desorption
of fuel and oxygen molecules and their products but also by
adsorption and desorption of intermediates and radicals generated
either in the gas phase or on the surface. Therefore, mass transport
of radicals and intermediates from/to the gaseous bulk phase and
to the catalyst containing washcoat by radial diffusion in the small
channels of the monolith is crucial for the interaction of heteroge-
neous and homogeneous reactions in CPOX reactors [44]. Further-
more, heat transfer effects become significant for the product
composition [45]. Due to this complexity in chemistry and species
transport, the application of detailed models for numerical simula-
tion of CPOX reactors has only recently been extended from light
hydrocarbon fuels such as methane and ethane [23,39,40,46] to
liquid fuels [44,47,48]. We recently have used detailed (elemen-
tary-step) reaction mechanisms for heterogeneous and homoge-
neous chemical reactions as well as mass and heat transport
models to study processes in a single monolith channel [44]. The
formation of undesired by-products and the role of homogeneous

gas-phase reactions were discussed in the light of the formation
of soot precursors through homogeneous gas-phase reactions at
rich operating conditions and high temperatures.

The effects of flow rate on conversion and selectivity in CPOX
reactors were studied by Krummenacher et al. with n-decane and
n-hexadecane focusing on the influence of the fuel on product dis-
tribution [29]. In their paper, a beneficial effect of high flow rates
on hydrogen production was noticed without prediction of a gen-
eral trend due to overlapping effects of coking of fuel upstream
the catalyst. In their study on CPOX of n-butane over supported
Rh catalysts, Seyed-Reihani and Jackson found decreasing fuel con-
version and a trend towards total oxidation with decreasing flow
rate [49]. The experiments in non-adiabatic reactors show that
for a C/O atomic ratio of 1.0 and catalyst-contact time of approxi-
mately 50 ms, improving reactor adiabaticity dramatically in-
creases n-butane conversion and H, and CO selectivity. Rising
inlet-flow temperature increases fuel conversion but does not im-
prove H, selectivity. However, higher flow rates with catalyst-con-
tact times below 40 ms show further increase in fuel conversion
and synthesis gas selectivity. Beretta and Forzatti studied the CPOX
of ethane and propane under isothermal operation conditions from
500 to 720 °C in an annular reactor [50]. Whereas for platinum cat-
alysts the selected flow rate had no effect on product distribution
at constant temperatures, for rhodium a notable impact was found
for intermediate residence times. Aartun et al. [51] investigated
temperature profiles and residence time effects during catalytic
partial oxidation and oxidative steam reforming of propane in Rh
impregnated metallic microchannel reactors. The experiments
showed that reducing the residence time below 10 ms gave in-
creased hydrogen and CO selectivity and reduced by-product for-
mation, indicating suppression of the gas-phase reactions.
Tavazzi et al. [52] performed the dynamic and steady-state CH,
partial oxidation tests in a packed-bed reactor over a Rh-based cat-
alyst supported onto Al,O3 spheres. The experiments at low flow
rates showed that the process was governed by thermodynamics
and the heat dispersion significantly affected the steady-state re-
sponse of the reactor. Upon increasing the flow rate, a kinetic effect
of contact time was observed. The catalytic bed progressively
heated up and the adiabatic behavior was approached at the high-
est flow rate as a result of the predominance of the reaction enthal-
py release over the heat losses. Ding et al. [53] performed CFD
simulations of methane CPOX on a rhodium-coated foam monolith
with detailed chemistry, revealing the effects of wall heat conduc-
tion, the channel diameter and the catalytic surface area on the
profiles of temperature and species concentrations. The results
showed that the maximum wall temperature, which was crucial
for the catalyst stability, could be significantly reduced by increas-
ing the thermal conductivity of the wall, and/or the channel diam-
eter, and/or the catalytic surface area. CFD simulations combining
multistep surface reaction mechanisms with a reactor model cap-
turing heat and mass transport provide critical insight into the role
of thermal processes and indicate a need for detailed mechanisms
to model how competitive reaction pathways impact performance
in catalytic partial oxidation reactions [54].

In a recent study [55], we also experimentally studied the im-
pact of the mass flow rate on fuel conversion, selectivity, and oper-
ation temperature using iso-octane and a rhodium/alumina coated
honeycomb monolith for a wide variety of molar carbon-to-oxygen
ratios (C/O). At stoichiometric conditions (C/O =1.0) hydrogen
yields significantly increases with increasing flow rate. At lean con-
ditions (C/O = 0.8), the measured catalyst outlet temperature was
observed to increase with increasing flow rate but little impact
on conversion and selectivity was observed, which could in princi-
ple be understood by a numerical simulation of heat transport in
the catalytic monolith coupled with a two-dimensional flow field
description of the individual monolith channels. Because the
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numerical study focused on lean conditions, where homogeneous
conversion is negligible, the model considered only heterogeneous
reactions. Furthermore, this study indicated that the understand-
ing of the counter-intuitive impact of mass flow on conversion at
C/O = 1.0 requires more sophisticated numerical simulations.

The present paper does not only serve as an example to discuss
the currently available methods in modeling the interaction of
homogeneous and heterogeneous chemistry and mass and heat
transport in catalytic combustion but also presents a significant step
forward in numerical simulation of CPOX reformers operated with
logistic fuels. Although more complex fuels have already been stud-
ied experimentally [47,48,56-59], data from an experimental study
of a single-component reference fuel iso-octane (i-octane, 2,2,4-
trimethylpentane) [55] are chosen as reference because detailed
reaction mechanisms of CPOX of iso-octane over Rh have recently
been developed and coupled with homogeneous reaction schemes
[44]. Both mechanisms are applied in the current study without fur-
ther modification. From a simulation point of view, the major novel-
ties of the current study are: (1) the model includes the heat shields
in front and beyond the catalytic section of the reactor, (2) homoge-
nous reactions are included in the model, (3) the impact of flow rate
on yields can be explained for varying C/O ratios.

2. Experimental reference

In this present numerical study, experimental data are used as
reference, which were obtained in a laboratory experiment re-
cently set-up to study CPOX of hydrocarbons and alcohols at
short-contact times under well-defined initial and boundary con-
ditions. The reactor configuration was developed using CFD simu-
lations of the mixing section [47] to guarantee rapid mixing of
vaporized fuels with synthetic air to feed the catalyst with a homo-
geneous, pulse-free mixture at a uniform temperature. All relevant
species present in the product stream are detected by a variety of
simultaneously applied analytical methods: FT-IR, MS, and a para-
magnetic gas analyzer. Combination of these techniques ensures
well-closed balances for carbon, hydrogen, and oxygen and permits
time-resolved monitoring of at least 12 species on the order of sec-
onds. Further carbon containing species are detected by GC-MS,
however, with much smaller time-resolution, i.e., less frequent
data [44].

In Fig. 1, the heart of the reactor is illustrated. An industrially
manufactured honeycomb catalyst (900 cells per square inch (cpsi);
rhodium loading = 1.41 mg/cm?) is used. The monolith is made out
of cordierite and is 10 mm in length and 19 mm in diameter. The in-
ner channel walls are coated with rhodium dispersed in an alumina
washcoat; no further additives are used. The catalyst is positioned
200 mm downstream of the mixture inlet. Upstream and down-
stream of the catalyst, an uncoated foam monolith (y-Al,0s, 85 pores
per inch (ppi)) and an uncoated honeycomb monolith (600 cpsi),
respectively, are placed close to the catalyst. Both non-catalytic
monoliths are 10 mm in length and 19 mm in diameter and are used
as heat shields and fixations for thermocouples (front face: Type K,
back face: Type N). The monoliths are fixed inside the quartz tube
by a quartz wool insulation tape tightly wrapped around the mono-
liths to avoid by-pass of gases.

The C/O ratio is used as parameter for the description of the
composition of the mixture entering the catalyst; it is defined as
the ratio of the total number of carbon atoms to the total number
of oxygen atoms in the inlet mixture. The iso-octane/oxygen mix-
ture diluted by 80 vol.% nitrogen is fed to the reactor at 463 K
(190 °C) at total flow rates of 2, 3, 4, 5, and 6 slpm at atmospheric
pressure.

For a detailed description of the experimental set-up, catalyst,
analysis devices, and measurement procedures it is referred to re-
cently published papers [44,47,56,60].

3. Modeling approach and numerical implementation

The reactor set-up ensures homogeneous mixing and avoids
any gas-phase reactions upstream the catalyst. A tube-in-tube con-
figuration leads to rapid mixing of the vaporized fuels with syn-
thetic air to feed the catalyst with a homogeneous, pulse-free
mixture at a uniform temperature [44]. Heat transfer upstream
the front heat shield can be neglected because there is no signifi-
cant temperature difference between inlet gas temperature and
temperature of the solid entrance region of the upstream foam
(Fig. 1), which exhibits a too low temperature for significant radi-
ant heat transfer. It is likely to find some homogeneous conversion
in the near downstream section of the reactor, just beyond the
back heat shield, due to the still high temperature leading to slight
modification of the gas-phase concentrations measured in compar-
ison with the ones computed at the catalyst exit [48]. However,
since almost all conversion and heat transfers occur within the so-
lid structures of the reactor, i.e. catalyst plus front and back heat
shields, an adequate model should consider at least these three
sections. Here, we model the heat transfer in all three monoliths
by a two-dimensional heat balance coupled with models for the
reactive flow through a representative number of individual mono-
lithic channels. The single-channel simulation includes detailed
models for heterogeneous and homogeneous reactions.

3.1. Modeling the temperature of the solid monolithic structures

The heat of reaction of the fuel’s catalytic partial oxidation is re-
leased in the catalytic section of the reactor. Some heat release due
to homogeneous conversion may occur in the hot upstream part of
the front heat shield’s back side and, even more important, in the
downstream back heat shield. Heat transfer occurs within the
monolith due to conduction, mainly in the touching solid phases,
as well as convection due to the gaseous flow, thermal radiation,
and thermal conductivity through the thermal insulation around
the monoliths inside the quartz tube, which has a severe effect
on the temperature distribution. Therefore, the catalytic channels
will essentially not behave alike. In particular, the outer channels
will experience lower temperatures, thus lowering the overall con-
version and modifying the selectivity. Therefore, the model needs
to consider many channels, but usually not all channels.

Individual channels are combined into a transient temperature
model for the monolithic bulk; for details it is referred to [61]. The
temperature field of the monolith is treated as a homogeneous
continuum in two dimensions. The evolution of the transient tem-
perature field T can be written as:
pcp?:*%‘pﬂﬂr‘h? (1)
with p effective density of the monolith, ¢, specific heat capacity,
@y heat flux vector, and qy heat source term due to heat transfer
between solid bulk and fluid flow in the channels at the gas-surface
interface. The spatial coordinates, x;, are assigned in a way that x;
represents the axial direction of the monolith channels. The diffu-
sive heat flux inside the monolith is modeled by anisotropic heat
conduction

_aT
Py = i gy 2)

where the heat conduction coefficient 4 can take different values for
the axial and radial directions. The modeled reactor may consist of
several layers with different material properties to account for insu-
lation, etc. All properties are functions of temperature. Heat fluxes
including terms for conduction, convection, and radiation are de-
fined as boundary conditions. The heat source terms are calculated
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Fig. 1. Sketch of the catalyst section of experimental set-up with two heat shields simulated (top) and numerically predicted steady-state monolith temperature at C/O = 1.0
and at flow rates of 2 slpm (top) and 6 slpm (bottom). The symmetry axis of the monolith is at radial dimension of zero.

during the simulation of the flow through the channels as discussed
below. The heat transfer from the gas phase into the solid and vice
versa is indicated by a change of the integral enthalpy flux Hg, in
the gas phase:

o s .

qy = — o, 3)

The channel density ¢ denotes the number of channels per unit area
of the cross-section. Since the numerical simulation of the fluid flow
is the most time consuming step, not every individual channel is
simulated in detail. A representative number of channels needs to
be considered only. Using a cluster algorithm, the choice of repre-
sentative channels can be conducted efficiently [61]. This approach
is realized in the computer code DETCHEMMONOMTH \which uses the
code DETCHEMCHANNEL for the simulation of the individual channels
[62]. The computer code automatically determines the number of
channels at each time step based on a user-given tolerance, ex-
pressed as maximum temperature difference between the individ-
ual channel temperature profiles [61]. The number of channels
used in the current simulation at steady-state is between eight
and ten depending on the flow conditions.

A computational domain for numerical simulation is chosen
according to the experimental study having a monolithic structure
of 19 mm inner diameter and including the thermal insulation and
quartz tube (22 mm outer diameter). In axial direction, the 10 mm
front heat shield, 10 mm catalyst zone, and 10 mm back heat shield
are included. Due to radial symmetry, only one half of the axial
cross-section of the reactor tube is considered.

The boundary condition on external surfaces of the quartz tube
include a heat-transfer coefficient of h=20W/(m?K). Since the
heat-transfer coefficient can hardly be directly derived from the
reactor set-up and operating conditions, the coefficient was esti-
mated in a such way that computed and measured temperature
at the catalyst outlet match. This estimation was conducted in a

former study [55] for one specific set of operating conditions,
and has there as well as here been used without further modifica-
tion. Temperature-dependent transport properties in the gas phase
were calculated using kinetic theory; effective heat conductivities
of the quartz and alumina support were chosen according to liter-
ature data [63]. The thermal conductivity and heat capacity of
rhodium coated cordierite monolith were modeled as polynomial
functions of temperature. The bulk density of catalyst and heat
shield monoliths were measured experimentally. The material
properties used in this numerical study are given in Table 1.

3.2. Flow field in the catalytic channel

The single catalytically coated channel is approximated by an
axis-symmetric cylinder leading to the axial and radial spatial
coordinates as independent variables. The basis of the flow field

Table 1
Material properties of the monolith used in the model.

Physical properties Rh coated Uncoated Uncoated Insulation/
cordierite aluminia  cordierite quartz
monolith foam monolith
(900 cpsi) (85 ppi) (600 cpsi)

Heat conductivity [W/(m K)]

Radial direction 4,4 @ 1.1 1.0 1.36

Axial direction /gy b 1.1 1.0 1.36

Bulk density p (kg/m*®) 540 976 283 2202

Bulk volumetric heat ¢ 800 540 730

capacity
G Ui(kg K)]

2 0.2664 +1.839 x 1074 T/K — 2.490 x 1077 T2[K? +1.720 x 107'° T3/K>.

©0.4261-3.029 x 107° T/K + 1.349 x 1077 T2/K? +3.053 x 1071° T3/K>.

€ —472+6.563 x T/K—1.120 x 1072 T?/K?>+8.800 x 10~® T3|K® — 2.582 x 10~°
THKA.
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simulations are the Navier-Stokes equations coupled with govern-
ing equations describing the heat transport in the fluid phase and
the species mass balances. Since the residence time in the mono-
lith is on the order of milliseconds, the transport in axial direction
is mainly determined by convection. Therefore, axial diffusion can
be neglected, reducing the elliptical structure of the steady-state
Navier-Stokes equations to a parabolic one by application of a
boundary-layer approximation [8,64,65]. The resulting governing
equations are a large system of parabolic partial differential
equations (PDEs) with non-linear boundary conditions arising from
the coupling between the gas-phase and surface processes, which
are given elsewhere, e.g. [44].

At the catalytic surface, the gaseous species mass flux produced
by heterogeneous chemical reactions is balanced by the mass flux
of that species in the gas phase at the gas-surface interface scaled
by the ratio of catalytic active to geometric surface area, which cor-
responds to the amount of catalyst available for surface reactions.
In this work, this ratio was experimentally determined to be 15 by
CO chemisorption measurements. The molar production rate of
chemical species k due to catalytic reactions is

N Keths

Sk = Z Vikkfi H ijk., (4)
i=1 j=1

which applies for gas phase (k=1,...,K;) and surface (k=Kg.1,

..., Ks) species. K; is the total number of adsorbed (surface) species
including a vacant adsorption site species, N; is the number of all
reactions involving the catalyst; ¢; are species concentrations, v
are the stoichiometric coefficients of the reaction equations. The
forward rate coefficient k; of surface reaction i is calculated by a
modified Arrhenius expression:

ke — ATV Ex\ & ol Exilk 5
fi = Al 7 €XP | — 7 H k EXP\ T ) (5)
ke’

where ; and ¢;; are parameters describing an additional depen-
dence of the rate coefficients on the surface coverage defined as
0 = ckok/I", with I' and o} being the surface site density and the
number of sites occupied by adsorbed species k, respectively [8,66].
The resulting PDEs are semi-discretized by a method of lines
leading to a large-scale, structured differential algebraic equation
(DAE) system, which is solved using the computational code
DETCHEM®HANNEL: o1 more details, we refer to [61,62].

4. Modeling the chemistry

The reactions may not only occur on the catalytic surface but
also in the gas phase due to the high operating temperatures. In
particular, pyrolysis and the formation of soot precursors and soot
are expected to occur in the gas-phase [44]. The only way to really
understand the reaction complexity of reforming of higher hydro-
carbons is the application of chemical models that are based on the
molecular behavior as much as possible. Therefore, the current
study applies elementary-step reaction mechanisms for modeling
heterogeneous and homogeneous conversion.

4.1. Heterogeneous chemistry

Several global reactions have to be considered in partial oxida-
tion of logistic fuels reaching from total oxidation (Eq. (6)) versus
partial oxidation (Eq. (7)), steam and dry reforming (Eqs. (8) and
(9)) to water gas shift reaction (Eq. (10)), methanation (Eq. (11)),
carbon deposition (e.g. by the Boudouard reaction, Eq. (12)),
pyrolysis (e.g. formation of ethylene), and molecular weight
growth, i.e. formation of soot and soot precursors. Using iso-octane
as example, those reactions can be written as:

i — CgHyg + 12.50, — 8CO, + 9H,0  AHY4, = —5457 k] mol '

i — CgHyg +40, — 8CO +9H, AHYs, = —659.9 k] mol ' (7)
i — CgHig + 8H,0 — 8CO+17H, AH) = +1261kJmol™"  (8)

i — CgHyg +8C0O, — 16C0 + 9H, AHyg = +1590 kjmol™'  (9)

CO+H,0 — CO, +H, AH)g = —41 kJ mol ' (10)
CO+3H, — CHy + H,0  AHSgs = —206 kJ mol ™' (11)
2C0 — C+CO; AHSg = —172 kJ mol ™ (12)

The surface reaction model is taken from our former study [44]
without any modification. This model for heterogeneous partial
oxidation of iso-octane on rhodium-based catalysts uses a detailed
surface reaction scheme for partial oxidation of C;-Cs species cou-
pled with two additional “lumped” reactions for adsorption of iso-
octane, assuming that iso-octane adsorption quickly leads to the
species that are explicitly described by the detailed part of our
mechanism. The detailed surface reaction mechanism consists of
56 reactions among 9 gas-phase and 17 surface adsorbed species.
The detailed mechanism coupled with the lumped reactions de-
scribes all global reactions (Egs. (6)-(12)) via a complex reaction
network except olefin production and soot formation, which are
unlikely to occur heterogeneously. The mechanism includes steps
that can lead to a monolayer of carbon but no carbon growth
mechanism is included.

4.2. Homogeneous chemistry

Several chemical reaction mechanisms are described in litera-
ture to model long chain hydrocarbon oxidation. In this study,
we focus on oxidation of iso-octane serving as surrogate for gaso-
line fuel. The mechanisms given in literature were often developed
and evaluated especially for typical homogeneous charge compres-
sion ignition (HCCI) conditions and can be divided in three groups
in the order of decreasing complexity and increasing level of
empiricism incorporated into the model.

4.2.1. Detailed mechanisms

In order to predict the reaction rates for all operating conditions
and to analyze critical reaction pathways, the use of large, detailed
mechanisms is recommended. Examples are the LLNL mechanism
developed by Curran et al. [67] consisting of 3606 reactions among
857 species and the Nancy mechanism of Glaude et al. [68] consist-
ing of 1832 reactions among 367 species.

4.2.2. Skeletal (semi-reduced) mechanisms

Using rate analysis, sensitivity analysis, and the Computer Sin-
gular Perturbation (CSP) method, a detailed mechanism can be re-
duced to skeletal one. For instance, the LLNL mechanism for iso-
octane was reduced to a mechanism consisting of 258 species only
by Chen et al. [69], which was used for prediction of the ignition
time and CO and HC emissions over a wide range of HCCI condi-
tions. A reaction mechanism proposed by Golovitchev et al. [70]
for the oxidation of n-heptane and iso-octane can also be consid-
ered to belong to this methodological category. This mechanism in-
cludes 130 species and 690 reactions. Another example is the
lumped kinetics model of Ranzi et al. [71] involving only a limited
number of intermediate steps (145 species and 2500 reactions),
which was also constructed from detailed mechanisms.
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4.2.3. Reduced mechanisms

Reduced mechanisms can be generated including additional
generalizing procedures and empirical rules. The species with sim-
ilar functionality are combined and treated as a single entity. The
reduced chemical kinetics model for n-heptane/iso-octane mix-
tures developed by Tanaka et al. [72] includes 32 species and 55
reactions and reproduces the pressure curves obtained in Rapid
Compression Machine (RCM) experiments over a wide range of
conditions remarkably well for an empirically based model. The
mechanism is very sensitive to the fuel structure, the mixture com-
position, and the initial temperature and pressure. A skeletal
mechanism for n-heptane/iso-octane mixtures containing 75 spe-
cies was reduced to 19 species by Lovas et al. [73] and is able to
predict ignition behavior. Much severely reduced empirically
based models are available as well such as the Shell model based
upon the low and intermediate temperature chemistry and used
for simulation of hydrocarbon auto-ignition; it consists of only five
species and eight reactions [74].

Obviously, the computation is far less expensive when using a
reduced mechanism. However, a reduced model may provide only
very limited information on the production of minor species. One
may argue that in the catalytic reactor studied here, most of the
conversion occurs on the surface, and therefore the implementa-
tion of a detailed, computationally very expensive mechanism is
not justified by the benefits. However, some of the main technolog-
ical hurdles in the application of CPOX reactors may not be under-
stood with reduced mechanisms. These challenges are the
formation of coke layers on the catalyst and soot precursor in the
gas-phase. In our previous work on the impact of gas-phase reac-
tions on post-catalytic conversion in CPOX reactors using single-
channel simulations [48], we have tested two detailed schemes
of Curran et al. [67] and Dean et al. [75]. Both mechanisms repre-
sent most experimentally observed trends well. However, due to
the very large computational time, these detailed models cannot
be used for transient simulations of entire monolithic structures,
in which the number of individual channel simulations is on the
order of at least 10°. Although, a new numerical approach
[76,77] speeds up the simulation of complex (in chemistry) 2d
reactive flows, the typical CPU time for a simulation with the de-
tailed LLNL mechanism still can take several CPU hours (one
processor).

On the other side, we still want to cover as many details as pos-
sible. Therefore, skeletal mechanisms seem to be the model of
choice for our purpose, a reasonable trade-off between accuracy
and CPU time. The skeletal kinetics reaction mechanism developed
by Golovitchev et al. [70] was used in this paper to simulate the
catalytic partial oxidation of iso-octane. This mechanism was able
to accurately predict the ignition delays and oxidation rates for
iso-octane mixtures over wide ranges of temperature and pressure
and was also successfully used for computational studies of direct
injection gasoline [78,79] and diesel engines [78,79] using three-
dimensional computational fluid dynamics.

5. Results and discussion

Technical reformers for the production of hydrogen-rich syn-
thesis gas by partial oxidation of logistic fuels will be operated at
lean conditions regarding synthesis gas formation, which implies
according to Eq. (8) molar C/O ratios below 1.0. For C/O ratios
above unity, and even below unity for certain fuel components
and flow rates, several recent studies revealed the production of
significant amounts of coke precursors, in particular ethylene and
propylene [29,44,55,56]. Hydrogen yields have been shown to ex-
hibit a maximum of nearly 0.95 around C/O=1.0 and high flow
rates for CPOX of iso-octane and most logistic fuels over Rh cata-

lysts. Consequently, the reactor should be operated at C/O ratios
as high as possible to maximize hydrogen yields but as low as pos-
sible to minimize the formation of coke precursors.

A further restriction on operation conditions is temperature;
high temperatures favor hydrogen selectivity but may destroy
the catalyst and even boost gas-phase reactions leading to forma-
tion of coke precursors. Since the advantage of the use of CPOX for
reforming fuels is the potential to operate the reactor autothermal-
ly, the operating temperature cannot serve as a free parameter; it
rather depends on conversion, selectivity, inlet gas temperature,
and heat loss. In the experimental reference [55], the catalyst exit
temperature measured was as high as 1420K (1150 °C) for
C/0=0.8 and the highest flow rate tested was 6 slpm. With
increasing C/O, the dependence of the catalyst exit temperature
on flow rate decreases to 10 K around C/O = 1.05, and the catalyst
outlet temperature falls to 1120 K (850 °C).

Consequently, the technically attractive range for the C/O ratio
seems to be 0.8-1.0. It should be noted that the final optimization
of the C/O ratio also needs to account for the specific fuel composi-
tion, recycling of exhaust gas, preheating of the mixture, and poten-
tial heat exchange effects by the actual technical realization of the
reformer. In the remainder of this paper, we will therefore focus on
the two limits of this range of conditions, C/O = 0.8 and C/O =1.0.
Concerning the dependence of the reactor behavior on the flow rate,
similar hydrogen yields but different catalyst exit temperatures
were observed at C/O = 0.8 and vice versa at C/O = 1.0.

5.1. Temperature and species profiles within the reactor

The numerical simulation predicts the two-dimensional tem-
perature profile of the three monoliths of the reactor as function
of axial and radial position as shown in Fig. 1 for the lowest
(2 slpm) and highest (6 slpm) flow rate studied. At both conditions,
the hottest zone of the catalytic (middle) monolith is in its en-
trance region.

Upstream heat transfer leads to a significant temperature in-
crease of the downstream section of the front heat shield, which
increases with decreasing flow rate. The residence time of the reac-
tants within this uncoated monolith however is too small to initi-
ate any fuel conversion in the gas-phase as clearly shown in Fig. 2.
The solid temperature at the entrance of the front heat shield is al-
ready notably higher than the temperature of the incoming gas
being 463 K. Depending on the flow rate the solid temperature at
the entrance decreases from 660 K to 570 K for increasing flow rate
from 2 to 6 slpm due to the increasing convective cooling effect of
the incoming gas at C/O =1.0 (Fig. 3b). Convective cooling has a
much stronger impact on the front temperature of the front heat
shield than upstream heat conduction, because the maximum tem-
perature of the catalytic monolith is highest at 6 sipm but the front
temperature exhibits the lowest value at this condition (Fig. 3b).
The radial temperature distribution in the front heat shield is
rather flat. Interestingly, the temperature slightly increases to-
wards the reactor wall showing the impact of heat conduction in
the dense insulation and in the quartz tube.

Within the catalytic monolith radial and axial temperature vari-
ations can clearly be seen. The monolith is cooled by heat loss at
the reactor insulation and quartz tube; the effect is stronger at
low flow rates, because the total amount of heat released by chem-
ical conversion is small and the maximum temperature does not
change significantly with flow rate at C/O = 1.0. Even though the
temperature exhibits a stronger dependence on flow rate at
C/O = 0.8, the same effect was observed [55] showing that the flow
rate strongly determines the temperature profile and also the
chemical conversion via the ratio of absolute chemical heat release
to absolute physical heat loss.
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Fig. 2. Numerically predicted gas-phase temperature and mole fractions of
iso-octane, O,, CO, H,, CO,, and H,O0 in the catalytic channel at C/O=1.0 and 5
slpm. The symmetry axis of the channel and the gas-wall interface are at radial
position of 0 and 0.3 mm, respectively.

In axial direction, the temperature decreases rather quickly
within the catalytic section after reaching its maximum at the en-
trance region. This behavior is well-known in CPOX reactors for all
hydrocarbons studied, from natural gas to diesel, and has exten-
sively been described in literature. To make it short (Fig. 2): in
the entrance region of the catalytic monolith total oxidation of
the fuel towards CO, and H,0 occurs until oxygen is almost com-
pletely consumed, at least on the catalyst, leading to the tempera-
ture maximum. Further downstream, steam reforming of the
remaining fuel leads to the high hydrogen yields. At stoichiometric
conditions (C/O = 1.0) not only the oxygen but also the fuel is com-
pletely (>98%) consumed within the catalytic monoliths both at
low (2 slpm) and high (6 slpm) flow rates. CO is already partially

produced in the total-oxidation zone, dry reforming with CO, is
not significant. Within few milliseconds in time or millimeters in
space catalytic reforming of the fuel iso-octane is basically com-
pleted. However, the consequences of a small remaining amount
of reactants is important for technical applications, such as those
discussed below.

Since steam reforming is endothermic and the total heat con-
sumption by this process depends on the total amount of fuel re-
formed, the temperature decreases faster for higher flow rates in
axial direction in the centerline of the catalytic monolith; compare
the 2 slpm versus 6 slpm case in Figs. 1 and 3b. However, closer to
the wall of the reactor, the larger heat loss effect at slower flow
rates exceeds the smaller (2 slpm versus 6 slpm) chemical heat
consumption effect and leads to more rapid cooling in axial direc-
tion at low flow rates. Increasing flow rates lead to larger temper-
ature gradients in axial direction and smaller ones in radial
direction.

In the downstream back heat shield, the cooling effect of the
surroundings also explains the more rapid cooling for lower flow
rates. As shown in Fig. 3b, the axial temperature profiles of varying
flow rates in the centerline of the reactor cross each other just be-
fore entering the catalyst and again around axial center of the cat-
alytic monolith. The highest temperature maximum is obtained at
the highest flow rate studied, which is even much more pro-
nounced at C/O=0.8 (not shown). On the scale used in Figs. 2
and 3a, no variation of reactants’ concentration (vanished) and
any major products’ concentration can be recognized. From a for-
mer study, however, we know that post-catalytic reactions in the
gas-phase may also lead to significant (few percent) variations of
the major products’ concentrations, depending on the time needed
for thermal quenching of the product stream [48].

The peak temperature in a near-reactor-wall and a centerline
catalytic channel may differ by as much as 100 K as shown in
Fig. 3a. Consequently, the conversion, selectivity and also spatial
profiles will differ. Hence, it may be risky to derive the product
composition of the entire monolith based on a single-channel sim-
ulation, even though the qualitative picture will not change
[44,55]. It should be noted that the equilibrium composition for
H,/H,0/CO/CO, mixtures changes quite significantly in this tem-
perature range of around 1000 K.

5.2. Heat balance model and flow rate dependence of the reactor
behavior

The right choice of the model to account for heat transfer in
CPOX reactors matters to understand the impact of the flow rate
on conversion and selectivity. In our recent study [55], we dis-
cussed the impact of the flow rate on the reactor behavior in CPOX
of iso-octane over Rh for C/O=0.8. Using the same modeling
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Fig. 3. Numerically predicted axial species profiles (in the center of the single channel) in the centerline of the monolith and temperature profiles in the centerline (axis) and
at the outer wall of the monoliths, C/O = 1.0, 5 slpm (a); effect of flow rate on temperature profile taking in the centerline of monoliths, C/O = 1.0 (b).
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approach as presented here, the catalytic section of the reactor
only was simulated with two different heat transfer assumptions.
The first, adiabatic model applies a single-channel simulation with
adiabatic boundary conditions; in this case a single-channel simu-
lation is sufficient. In the second model, the catalytic monolith
with several representative channels was simulated including heat
losses at all monolith boundaries. The inlet temperature was taken
from the experiment, measured slightly upstream the interface be-
tween the front foam and the catalytic monolith. The adiabatic
model was not able to predict even the qualitative behavior, i.e.,
the increase of the catalytic exit temperature with increasing flow
rate; at C/O = 0.8 the hydrogen yields did not depend on flow rate.
The current paper continues this study; we now simulate all three
monoliths, include homogeneous chemistry, and vary the C/O
ratio; the model of this paper will be called complex model in the
remainder of this section.

Figure 4 compares the numerically predicted temperature at
the outlet of the catalytic section of the reactors with the experi-
mentally measured temperature as function of flow rate. In
addition, numerically predicted outlet temperatures of a single-
channel simulation with adiabatic boundary conditions are shown.
The exit temperature increase with increasing flow rate is well-
computed with the accurate heat balance model, while the adia-
batic model fails. The increase in temperature with increasing flow
rate observed in this study can be understood by the effect of heat
losses. The total amount of heat released by the reaction almost
linearly increases with flow rate, because fuel is fully converted
in the first zone of the catalyst. The adiabatic behavior is ap-
proached at the highest flow rate as a result of predominance of
chemical heat release to thermal heat loss. This relation between
the absolute heat loss and the absolute chemical heat release has
been discussed in our previous work [55]. It should be noted that
the extensions of the complex model (three monoliths, homoge-
neous chemistry) in the current paper were not decisive for the
qualitative understanding of this phenomenon.

At C/O =1, the catalyst outlet temperature measured revealed
only a slight but notable increase with increasing flow rate [55],
from 1120 to 1160 K for 2-6 slpm, respectively. The simple adia-
batic single channel model and the complex model were also used
to understand the impact of the flow rate on temperature and spe-
cies profiles at C/O = 1. As shown in Fig. 5, the adiabatic model is
not able to reproduce the experimentally observed increase of
the catalyst outlet temperature as function of flow rate, while the
complex model predicts this observation even quantitatively very
well. Here it should be noted that all simulations with the complex
model for all C/O ratios and flow rates simulated use exactly the
same parameters, i.e., not even a single chemical and physical
parameter was adapted, neither in the heterogeneous and homo-
geneous reaction schemes, nor the catalyst site density and the
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Fig. 4. Catalyst outlet temperature as function of space velocity at a given C/O = 0.8;
experimental data versus simulation, (a) adiabatic single-channel simulation
without heat loss, (b) monolith simulation including heat loss.
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Fig. 5. Catalyst outlet temperature as function of space velocity at a given C/O = 1.0;
experimental data versus simulation, (a) adiabatic single-channel simulation
without heat loss, (b) monolith simulation including heat losses.

specific catalytic surface, nor in the heat balance’s boundary condi-
tions such as heat conductivity, thermal emissivity. Furthermore, it
should also be noted that a simulation of the catalyst section only
using the monolith model is not able to predict the experimental
trend within this small temperature range; here the heat transfer
effects between all three monoliths have to be taken into account.

The experimentally determined independence of the hydrogen
selectivity on the flow rate at C/O = 0.8 is well-reproduced by the
numerical simulation using the complex model as shown in
Fig. 6a, the deviations are within the experimental error [55]. At
C/O = 1.0 shown in Fig. 6b, the hydrogen selectivity significantly in-
creases with flow rate up to 4 slpm and is rather constant at higher
flow rates, though the temperature increases only slightly (Fig. 5).
A variety of effects (heat balances, thermodynamics, kinetics, flow
rate/residence time) overlap to produce this levelling-out of the
hydrogen selectivity between 3 and 4 slpm. First consider the ef-
fect of residence time/kinetics: As discussed above and shown in
Figs. 2 and 3, hydrogen production is mainly due to steam reform-
ing of remaining fuel after full consumption of oxygen. The time, or
better the axial catalyst distance needed to complete this reform-
ing step, is approximately 5 mm at 5 slpm. Lowering the flow rate,
i.e. increasing the residence time, should promote hydrogen pro-
duction. Since just the opposite is observed, a direct residence time
effect via kinetics can be excluded. Second, higher flow rates have
an impact on the ratio of chemical heat release to physical heat loss
to the ambience. Most of the heat release occurs in the entrance re-
gion of the catalyst, i.e. in the total-oxidation zone, leading to a
temperature peak: the higher the flow rate the higher the peak
temperature. Even though the position of the temperature peak
slightly shifts downstream with flow rate (Fig. 3b), total oxidation
is always well within the catalytic section of the reactor unless ex-
tremely high flow rates are considered [80]. Higher temperatures
do not only shift the thermodynamic equilibrium towards hydro-
gen production but also increase the reaction rate of the second
global reaction step, i.e., hydrogen production by steam reforming.
In Fig. 3b it can be recognized that the negative temperature gradi-
ent in the steam reforming zone is larger for higher flow rates even
though the cooling effect by heat loss of the catalyst to the ambient
is smaller for high flow rates. However, the heat loss effect clearly
overlaps with the flow rate effect as shown in Figs. 1 and 3b. More
exterior channels of the monolith experience much lower temper-
atures at slow than at high flow rates and, consequently, hydrogen
production is reduced. In addition to steam reforming, also the
exothermic water-gas-shift reaction (Eq. (10)) leads to hydrogen
production; this effect is rather small but still has some little im-
pact on the final product composition and catalyst outlet temper-
ature [55]. Summarizing, the understanding of the dependence of
hydrogen selectivity on flow rate can only be achieved by taking
mass and heat transfer as well as detailed kinetic schemes (reac-
tion pathways) into account.



804 L. Maier et al./ Combustion and Flame 158 (2011) 796-808

(a) 1.0
A

b 09 A A A
£ 08
£ o ™
% [ ] [ ]
o 0.7
g B H

0.6 A CO

05+ T T T

2 3 4 5 6

Space Velocity [slpm]

(b)1.0 1
I —
- O.QW
S
£ 031
>
k1]
o 0.7
o B H;
(7]
0% A co
0.5 r . r
2 3 4 5 6

Space Velocity [sipm]

Fig. 6. H;, and CO selectivity as function of space velocity at C/O = 0.8 (a) and C/O = 1.0 (b); experimental data (symbols) versus simulation (lines).

There definitely is a trade-off between the benefits and draw-
backs of high temperatures. In autothermal operation, higher tem-
peratures are achieved by increased total oxidation rates and
decreased physical heat loss. However, because the water-gas-
shift reaction is rather slow at the time scales considered here,
most of the fuel that is consumed for total oxidation cannot be
used for hydrogen production. Furthermore, higher catalyst tem-
peratures also increase heat loss to the ambience and may cause
degradation of the materials used. Following the discussion up to
now, this modeling study may suggest C/O ratios around 1.0 and
reasonable high flow rates being the optimum operational condi-
tions. However, another potential problem has to be considered
before choosing the optimum reactor conditions, the probability
of the formation of coke precursors.

5.3. Impact of flow rate on gas-phase reactions

The experimental reference study [55] reveals full (100%) fuel
consumption at C/O = 0.8 for all flow rates, while at flow rates be-
low 4 slpm not all the fuel is converted at C/O > 0.9. Since it is very
likely that some of the remaining fuel can still be converted in the
hot section of the back heat shield or even downstream by gas-
phase reactions [48], there might still be some fuel left at lower
C/O ratios and/or flow rates at the outlet of the catalyst, which is
a source for the formation of coke precursors [44]. We will now
consider conditions, at which no remaining fuel was found, by ana-
lyzing the composition downstream the reactor, e.g. C/O = 1.0 and
5 slpm.

In Fig. 7, the profiles of several minor species are shown as com-
puted over all three monoliths at C/O = 1.0 and 5 slpm, conditions
being optimal for hydrogen production. The molar fraction of any
species does not exceed 0.1%. In the simulation, all these species

0.

3
0

03

radial [mm)]

are exclusively formed by gas-phase reactions, because they are
either not part of the catalytic reaction model [44] or not produced
in simulation without the homogeneous reaction scheme. Signifi-
cant amounts of these gas-phase chemistry species are neither pro-
duced inside the front heat shield nor in the first catalytic zone
where oxygen is still available.

A reaction flow analysis (Fig. 8) of the gas-phase chemistry
model was carried out at rather rich conditions (C/O = 1.4), tem-
perature, and residence time typically for the downstream section
of the catalytic monolith. CHs is one of the radicals promoting
pyrolysis of the remaining fuel, and iso-C4Hg is one of the crucial
intermediates, both are primarily produced 2 mm downstream
the catalyst entrance where oxygen is already fully consumed
but the fuel iso-octane is still available. The radial gradients of both
CHs and iso-C4Hg correspond to the radial gradients of the remain-
ing fuel (Fig. 2); all species have a maximum at the centerline of
the channel. In the same region (Fig. 7), the formation of propylene
starts, a direct product of pyrolysis of iso-octane. Subsequently,
propylene is converted to ethylene. The amount of benzene formed
in the monolithic sections of the reactor is almost negligible.
Although the concentrations of both the major coke precursors,
ethylene and propylene, do not exceed 100 ppm, these amounts
may be large enough to slowly but continuously form carbona-
ceous over-layers on the monolith channels and reactor walls
and even provide a significant source for molecular growth of
gas-phase particles that may harm downstream devices such as
fuel cells.

Lower flow rates for C/O ~ 1.0 do not only decrease hydrogen
yields but also significantly favor the formation of coke precursors
as shown in Fig. 9. The formation of both ethylene and propylene
increases with decreasing flow rate. The simulations predict this
trend well. For flow rates of 4 slpm and above, neither ethylene

axial [mm)]

Fig. 7. Numerically predicted molar fractions of iso-C4Hg, CH4, C3Hg, CoHa, CH3, and CgHg in all three monoliths at C/O = 1.0 and 5 slpm. The symmetry axis of the channel and
the gas-wall interface are at r=0 and 0.3 mm, respectively. Flow direction is from left to right.
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nor propylene is observed and predicted. The quantitative differ-
ences between simulation and experimentally derived concentra-
tions may have several reasons. First of all, reactions are very
likely to occur downstream the monoliths [48], which is not in-
cluded in the model. Second, the gas-phase mechanism applied is
a reduced one and not really established for the pyrolysis-like con-
ditions dominant in the downstream section of the CPOX reactor.
Third, the axial position at which a carbonaceous over-layer is
formed on the catalytic channel wall as discussed below is difficult
to predict accurately.

In order to get an impression of the influence of the chosen
gas-phase reaction mechanism on the results discussed, a straight-
forward comparative study of the four detailed mechanisms refer-
enced in Section 4.2 and the skeletal mechanism (Golovitchev) was
conducted for varying C/O ratios. To keep the computations tracta-
ble, a simple one-dimensional flow problem without any heat and
radial mass transport models was solved within the monolithic
section of the reactor using the measured outlet catalyst tempera-
ture (varying with C/O) as constant reference temperature. Figure
10 reveals that all five models are able to reproduce the measured

trends for both formation of propylene and methane. Taking the
severe simplifications of the isothermal 1d model into account,
even the quantitative numbers of the numerically predicted con-
centrations agree reasonably well. Due to model simplification, it
does not make sense to evaluate the applicability of the individual
detailed gas-phase reaction schemes for CPOX of iso-octane using
the results shown in Fig. 10. In the case of a flow rate of 4 slpm
shown here, propylene is produced at C/O > 1.0 only; however, it
should be noted that production of the coke precursors ethylene
and propylene becomes already significant at C/O < 1.0 for a flow
rate of 2 slpm [55].

Methane is the largest minor species produced in the CPOX
reactor reaching a yield of 1.3% at C/O = 1.0 and 2 slpm. At higher
flow rates and smaller C/O ratios the formation of CH, significantly
decreases. In Fig. 9, methane concentration falls almost by one or-
der of magnitude between 3 and 4 slpm (C/O = 1.0), well-predicted
by the model. Methane can be produced by gas-phase reactions
and surface reactions, and actually the methane detected seems
to arise from both processes. As shown in Fig. 10, methane is sig-
nificantly produced in the gas-phase. Analyzing the methane pro-
file in Fig. 7, methane formation starts relatively early in the
reactor in a region, in which all the oxygen is consumed but the
number of carbon atoms present on the catalyst surface increases
without yet coking-up the catalyst (Fig. 11 and discussion below).
The slight radial gradient of the CH,4 profile in Fig. 2 exhibiting the
maximum at the catalytic surface indicates some desorption of
methane molecules from the catalytic surface in that region.

5.4. Impact of flow rate on coke formation on the catalyst

Since oxygen is consumed much faster than the fuel at stoichi-
ometric conditions, the catalyst will experience pyrolysis condi-
tions at some point downstream the catalytic monolith, even
though the steam and CO, present may prevent coking. In
Fig. 11, the computed surface coverages on the Rh catalyst are
shown as function of the axial (flow) direction. At lean conditions,
C/O = 0.8, most of the adsorption sites are vacant, oxygen coverage
decreases rather slowly and is still significant at the catalyst exit.
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Carbon atoms cover only a small amount of adsorption sites. The
catalyst does not exhibit any coke layer in the experiment.

This picture changes qualitatively with increasing C/O ratio. At
C/O =1.0, the amount of adsorbed oxygen decreases much faster,
and is only significant in the entrance region where total oxidation
occurs. Carbon atoms, C(s), increasingly cover the Rh catalyst and
lead to the formation of a full monolayer of carbon at a certain po-
sition downstream the catalyst. This transition point depends on
the flow rate, the lower the flow rate, the more upstream this tran-
sition point can be observed. The oxidation and reforming reac-
tions are obviously conducted in a decreasing catalyst section
with decreasing amount (mass) of reactants. Gas-phase reactions
leading to the undesired coke precursors occur primarily down-
stream this transition point; compare Figs. 7 and 11c. As long as
the catalyst sustains a sufficient number of vacant sites it serves
as sink for radicals produced in the gas-phase and gas-phase reac-
tions can basically be neglected.

The on-set of coke formation at a certain point in the catalytic
monolith has been shown experimentally before [44]. Although
the actual axial point at which coke formation starts varies from
channel to channel due to slight variations in catalyst loading
and inlet mass flow in the technical system, the trends are clear:
coke formation moves upstream with increasing C/O and decreas-
ing flow rate. Also radial profiles of the coking-line over the entire
monolithic catalyst have been seen, because the heat transfer ef-
fects discussed above vary the distance at which the gas-phase
composition at the catalytic surface reaches the critical point at
which coking occurs.

Again, the results point to the existence of an optimum flow
rate for operation of the reformer: too small flow rates favor coke
formation on the catalyst and subsequently the formation of coke
precursors by gas-phase reactions; too high flow rates avoid com-
pletion of hydrogen producing reactions (above the 6 slpm for the
reactor studied here). The latter one also has the disadvantage of
increased downstream coke formation, because the outlet temper-
ature is higher and more fuel remains in the product stream, which
is more difficult to be quenched to freeze post-reactions.

6. Conclusions

The implementation of detailed heterogeneous and homoge-
neous reaction mechanisms in a two-dimensional parabolic flow
model for the description of the behavior of individual monolith
channels and the coupling with heat balances of the catalytic
monolith as well as heat shields, insulation, and reactor wall pro-
vides a simulation tool that is able to analyze the behavior of struc-
tured CPOX reactors in great detail. The simulation can provide
guidance to reactor design and optimization of the operating con-
ditions such as flow rate and fuel/oxygen ratio.

This concept is applied here to better understand the reactor
behavior of CPOX reactors used as compact reformers for the pro-
duction of hydrogen-rich synthesis gas from logistic fuels. [so-oc-
tane is used as gasoline fuel-surrogate and the catalyst of choice
here is rhodium impregnated into alumina washcoated on the in-
ner channel walls of a honeycomb monolith. Foam and honeycomb
heat shields are attached to the front and back of the catalyst,
respectively, to minimize heat loss. Experimental data of a recently
published [55] study on CPOX of iso-octane over Rh at varying flow
rate and fuel-to-oxygen ratio is taken as reference for this numer-
ical study. Since the reactor works most efficiently concerning
hydrogen yields and prevention of coke precursors at molar C/O ra-
tios between 0.8 and 1.0, this study in particular analyzes the
behavior at these two limits.

In general it is found that the major objective of the reactor, i.e.
production of high hydrogen yields at minimal formation of coke

precursors, can be achieved at C/O ratios close to 1.0 and suffi-
ciently but not extremely high flow rates. The counter-intuitive in-
crease in fuel conversion with decreasing residence time
(increasing flow rate) is explained by analyzing the ratio of chem-
ical heat release to heat loss in the reactor. The front heat shield
preheats the inlet flow but to a level only, at which gas-phase reac-
tions are not significant yet. Formation of coke precursors, in par-
ticular propylene and subsequently ethylene, and formation of
methane, start at a position within the catalytic monolith at which
oxygen is already totally consumed. With increasing C/O ratio and
decreasing flow rate, the position of the on-set of coke formation
on the catalyst moves upstream; at C/O=0.8 the catalyst does
not exhibit any coke layer.

A skeletal (semi-reduced) gas-phase reaction mechanism,
which still can be handled in the numerical simulation, can be used
for the description of gas-phase chemistry in this CPOX reactor.
Actually, the skeletal but also four detailed mechanisms reproduce
all experimental trends surprisingly well, taking into account that
none of the mechanisms was established for the very rich condi-
tions occurring in this reactor.

In the simulation, the reaction mechanisms were taken from lit-
erature without any modification, all physical parameters were
either directly taken from the experiment or estimated in accor-
dance to the materials and conditions used in the experiment. Sim-
ulation of all flow rates and C/O ratios discussed used exactly the
same set of parameters. Hence, the model presented seems reliable
enough to be used for optimization of reactor design and operating
conditions. For instance, the impact of materials properties such as
heat conductivity of the insulation and the heat shields, channel
diameter, catalyst loading, and exhaust gas recycling may be pre-
analyzed on the computer leading to a minimized number of proto-
types needed for the development of an adequate technical device.

The core of this combined model surely is the reaction kinetics,
which can only be reliably described by elementary-step based
heterogeneous and homogeneous reaction mechanisms. These
mechanisms can be semi-reduced, as here, for the homogeneous
conversion and they can contain some lumped steps, as here, for
the heterogeneous conversion. However, real logistic fuels will
add another level of complexity to these mechanisms, because
the reactivity of complex fuel mixtures is far away from being a
proportional combination of the single components. Nevertheless,
choosing adequate surrogates and studying their behavior in detail
will support technical realization of compact, autothermal fuel
reformers.
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