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a b s t r a c t

Hexadecane is chosen as diesel surrogate to experimentally and numerically investigate

diesel reforming in microchannels coated with Rh/CeO2. A detailed kinetic model is pre-

sented and discussed using experimental data on steam reforming of not only hexadecane

but also of methane and propane providing a more detailed understanding also of

conversion of hexadecane fragments. The turnover frequencies of these linear alkanes

were found to be inversely proportional to the number of carbon atoms per hydrocarbon

molecule. Based on these results, a kinetic model was developed that links a global reaction

equation for the dissociative adsorption of long-chain hydrocarbons with an elementary

surface reaction mechanism of steam reforming of methane over Rh/Al2O3 catalysts. The

model adequately describes the observed correlation between turnover frequency and the

number of carbon atoms the hydrocarbon contains. Furthermore, a significant impact of

the ceria support on the reformate composition was observed.

ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights

reserved.
1. Introduction fuel is currently of interest as the key benefits of diesel fuel are
Today, fuel economy and emission abatement are of great

importance in transportation. Fuel cells offer promising

routes to both of these challenges; leading however to the

questions of hydrogen production and storage. The low

energy density of stored hydrogen either in pressurized or

liquid form (below 4 kW h/l [1]) limits its widespread use for

on-board systems. Although the long-term potential of

hydrogen from renewable sources is widely accepted, in the

near- to mid-term future hydrogen production will widely rely

on fossil fuels. Hence, the production of hydrogen from diesel
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ational Association for H
its existing worldwide infrastructure, a high energy content of

around 10 kW h/l [1], easy handling and the prospect biomass-

derived and therefore carbon neutral biodiesel or synthetic

(GTL) diesel. This prospect could provide a smooth transition

from fossil to renewable feedstocks.

For introduction of fuel cells into the transportation

market, the hydrogen can be generated on-board and then fed

into fuel cells that generate electricity. The use of fuel cell

based auxiliary power units (APU) on-board automotive

vehicles has the potential to deliver electricity at high effi-

ciencies independently of the engine operation [2]. The
ydrogen Energy. Published by Elsevier Ltd. All rights reserved.
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Nomenclature

Ak pre-exponential factor of reaction k, mol, m, s, K

APU auxiliary power unit

BET Brunauer–Emmett–Teller

ci concentration of species i (in the gas or on the

surface), mol/m3 or mol/m2

Eak activation energy of reaction k, J/mol

Fcat/geo ratio of catalytic active surface and the geometric

surface [–]

GTL gas to liquid

ji diffusive mass flux, mol/s

ji,surf diffusive mass flux at the surface, mol/m2 s

kfk forward rate coefficient, mol, m, s, K

kfk
ads forward rate coefficient for adsorption reaction,

mol, m, s, K

Ks number of surface reactions [–]

Mi molar mass of species i, g/mol

Ng number of gaseous species [–]

Ns number of surface species [–]

p pressure, Pa

r radial coordinate, m

rHex reaction rate of hexadecane dissociative

adsorption, kmol/m3 s

R ideal gas constant, J/mol K

R2 coefficient of determination [–]

S/C steam to carbon ratio [–]

Si
0 sticking coefficient [–]

_si production rate of species i, mol/m2 s or mol/m3 s

t time, s

T temperature, K

TOF turnover frequency, mol/molCat s

u axial velocity, m/s

v radial velocity, m/s

WGS water-gas shift

X conversion, %

Y yield, %

Yi mass fraction of species i

z axial coordinate, m

Greek letters

bk temperature exponent of reaction k

G surface site density, mol/m2

3ik additional model parameter, J/mol

l heat conductivity, W/m K

m viscosity, Pa s

mik additional model parameter [–]

nik stoichiometric coefficient of converted molecules

[–]

n0ik stoichiometric coefficient of feed molecules [–]

vst Stefan velocity, m/s

_ui gas-phase reaction rate, kmol/m3 s

r density, kg/m3

si number of surface sites occupied of species i [–]

Qi surface coverage of species i [–]

s number of occupied sites [–]

sres residence time, s
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production of hydrogen from diesel fuel involves a reforming

reaction, which produces a hydrogen rich gas and depending

on the type of fuel cell, gas cleaning steps to remove CO.

Steam reforming produces the highest hydrogen yield in

comparison to other reforming technologies. As the steam

reforming is an endothermic catalytic reaction, a micro-

structured reactor is applied to circumvent any heat transfer

problems. Microstructure technology achieves high heat and

mass transfer rates, good phase contacting, high efficiencies,

and compactness and thus, seems to be particularly well

suited for the production of hydrogen by fuel reforming [3].

A detailed understanding of the reforming process will

support design and optimization of the micro reactors and

help to increase their efficiency. Kinetic studies of real diesel

fuel are difficult to conduct due to its complex composition.

Since hexadecane is its main diesel component, we use hex-

adecane as surrogate to develop first detailed kinetic models

for steam reforming of diesel over rhodium based catalysts [4–

8]. Furthermore, the limitations of existing models will be

discussed.

The kinetics of methane steam reforming has already been

well investigated, a review is given by Rostrup-Nielsen [9]. In

contrast to that, only the study from Patel et al. [10] has been

published for hexadecane steam reforming. They compared

a Power Law model, an Eley–Rideal model, and a Langmuir–

Hinshelwood model and estimated the kinetic parameters

from experiments in millimeter channels coated with a Rh/

Al2O3 catalyst. While the Langmuir–Hinshelwood model failed

mechanistically, and the Power Law model failed to predict
the results at high S/C ratios, the Eley–Rideal model could

reproduce the experimentally measured reaction rates for

a wide range of concentrations and temperatures.

Recently, detailed reaction mechanisms for methane

partial oxidation [11] as well as methane steam reforming [12–

14] were developed, which were able to predict experimental

observations reasonably well. In their studies, the software

package DETCHEM [15] was used to numerically simulate the

catalytic conversion and the reactive flow fields in the

reactors.

This paper examines hexadecane reforming in a micro-

channel reactor. Previous studies on hydrocarbon reforming

by the authors have already been published [16–19]. Based on

these results and a previously published surface reaction

mechanism for conversion of C1 species adsorbed on Rh/Al2O3

[13], an extended reaction mechanism is proposed for

modeling the kinetics of hexadecane steam reforming on Rh/

CeO2 assuming dissociative adsorption for hexadecane on Rh.
2. Experimental and data basis

The basis for the numerical model is the reforming experi-

ments already presented in [18,19]. The experimental proce-

dure and equipment are summarized in this section. The

experiments were performed in an electrically heated test

reactor (Fig. 1) that contained 14 microstructured foils, each

with 100 microchannels (width�height� length:

200 mm� 200 mm� 80 mm).



Fig. 1 – Photo of the test reactor (left side) at operation temperature of 973 K and SEM micrograph of microchannels coated

with Rh/CeO2 (right side).

Table 1 – Steam reforming results for methane, propane,
and hexadecane on a Rh/CeO2 catalyst system at
standard conditions.

Values at standard
conditions

Methane Propane Hexadecane

Fuel conversion, X [%] 97.6 100.0 100.0

Hydrogen yield, YH2 ½%� 102.9 97.5 108.0

Selectivity for CO2, SCO2 ½%� 44.5 44.9 60.5

Turnover frequency

TOF [molfuel/molactive Rh s] 4.1 1.7 0.3

TOF [molC/molactive Rh s] 4.1 5.1 4.3
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The walls of the microchannels were coated with Rh/CeO2.

An SEM micrograph of the coated channels is shown in Fig. 1

(right). According to microchannel coating experience with

several catalyst systems [20], a CeO2 sol was prepared by

mixing 0.7 ml diethanolamine in 30 ml of ethanol, 2.7 g

ammonium cerium nitrate, and 1.5 ml concentrated nitric

acid for several days and afterwards by diluting with ethanol

(1:0.5). This sol was distributed throughout the micro-

channels, dried at 343 K overnight, and calcinated at 1073 K

for 5 h in air. Subsequently, rhodium was deposited on the

support layer through the impregnation of the foils with

aqueous RhCl3 solution (0.2 g Rh/l). According to weight

measurement of the deposited amount of solution each foil

contained 2.8 mg of rhodium and 20 mg of ceria with devia-

tions of 5% and 15%, respectively. Sorption experiments with

nitrogen or hydrogen for the calculation of the resulting BET

surface area of the foils and the dispersion of rhodium yielded

values of 24 m2/g and 4.3% respectively. The catalytic area of

the coated foils can also be expressed in terms of Fcat/geo,

which is defined by the ratio of the catalytically active surface

area to the geometric surface. In our case the calculated factor

of Fcat/geo¼ 6.6 is based on chemisorption measurements

determining the amount of catalytically active rhodium

molecules. Before each experimental run, the foils were

reduced in situ at 1023 K in 2 vol% of hydrogen in nitrogen.

The feed and product streams were analyzed by gas chro-

matography for hydrocarbons up to C16, permanent gases

(hydrogen, nitrogen, oxygen, carbon monoxide and methane),

as well as carbon dioxide and water.

Standard conditions have been used for the tests according

to the following parameters: an S/C ratio of 4, reactor

temperatures between 673 and 973 K and residence times sres

of 75–110 ms.

The first experiments were carried out with methane,

propane and hexadecane. The hydrocarbons methane and

propane were used to test catalyst activity as well as stability

and also to be able to compare their reforming behavior with

the long-chain hydrocarbon hexadecane, which was used as

a surrogate substance for diesel. These experiments were

performed at ambient pressure, 973 K, a steam to carbon ratio

of 4 and a space velocity (GHSV) of 48,000 h�1, which corre-

sponds to a residence time sres inside the microchannels of

75 ms. The turnover frequency (TOF, in moles of hydrocarbons
or C-atoms converted per mole of active rhodium per second)

is defined as the velocity of the reaction measured at the

catalytic surface. In this study the TOF represents an integral

value over the whole reactor instead of the normally applied

differential value. For the reforming results (presented in

Table 1), maximum errors of 3% for the conversion, 1% for

selectivity and yield, and 5% for turnover frequencies have

been determined through error propagation. For unbranched

alkane fuels, the comparison of the optimum turnover

frequency (TOF) in molfuel/molactive Rh s, which was reached at

973 K, is inversely proportional to the number of C-atoms in

the fuel. When considering the conversion of each C atom in

the fuel, the TOF values are equal with a mean value of

4.5� 0.5 molC/molactive Rh s. Wang and Gorte observed that

COx production rates increased with carbon numbers for the

steam reforming of methane, ethane, n-butane and n-hexane

over Pd/CeO2 [21]. Their results presented for the reforming at

700 K also show one TOF value (5.8 molC/gcat s with a deviation

of 0.5 molC/gcat s). Unfortunately, the authors did not specify

whether they consider only the precious metal or also the sum

of precious metal and ceria support as catalyst. However, they

described that ceria also contributes to the reaction. For this

reason no comparison of the TOF values can be made.

For steam reforming of hexadecane on Rh/CeO2 we use

data from our former experimental study [18]. The investi-

gated parameters were: temperature (between 673 K and

973 K), steam to carbon ratio (between S/C values of 3 and 8)

reached by adjusting either the steam flow or the fuel flow,

and the residence time sres (between 38 and 220 ms). For
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a better understanding of the kinetics of the hexadecane

steam reforming reactions, 50 or 100 ml/min of the product

gases H2, CO2 or CO were added to the feed stream in order to

observe the influence of the individual gases on the overall

product composition. The parametric study revealed that all

parameters influence the selectivities of either CO or CO2 and

thus the water-gas shift reaction. Only a change in the catalyst

load (achieved by variation of the residence time or of the fuel

flow) or supplemental feeding of hydrogen influences the

hexadecane conversion. Hydrogen shows an inhibiting effect

but water vapor does not. Water vapor seems to not adsorb on

the same active sites as hexadecane and hydrogen.
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Fig. 2 – Steam reforming of hexadecane: comparison of

experimental results (symbols) with thermodynamic

(curves) equilibrium calculation results for standard

conditions; a) product composition and b) conversion and

hydrogen yield versus temperature.
3. Chemical system

Steam reforming reaction is the reaction of a hydrocarbon

with water vapor to form hydrogen and carbon monoxide. It is

globally written as:

CnHm þ nH2O/nCOþ
�

nþm
2

�
H2; (1)

COþH2O 4 CO2þH2 (2)

Due to the water-gas shift reaction (Eq. (2)), the product gas

contains also carbon dioxide, which is accompanied by an

increase in the produced hydrogen amount. In reality, many

side reactions occur on the catalytic surface and they can lead

to smaller hydrocarbons, partially oxidated intermediates,

and coke formation.

Thermodynamic calculations were carried out with the

software HSC Chemistry [22] to determine the thermody-

namic equilibrium at given conditions. A comparison with the

experimentally derived data is shown in Fig. 2. This compar-

ison reveals that thermodynamic equilibrium (Fig. 2a) and

equilibrium conversion (Fig. 2b) are not reached at lower

temperatures (673 K up to 823 K), while at higher tempera-

tures than 823 K the experimental results are close to the

overall equilibrium composition (equilibrium considerations

concerning WGS reaction see later). Beside the components

included in Fig. 2a no other substances were detected in the

product gas. Methane, which is instable according to the

equilibrium calculations, was also not determined in consid-

erable amounts. The theoretical equilibrium composition also

contains a considerable amount of C (coke). In the experi-

ments only the product gas was analyzed. Coke formation

could only be observed but not quantified when opening the

reactor.
4. Modeling of the microchannel

The understanding and optimization of heterogeneous cata-

lyst systems require the knowledge of physical and chemical

processes on a molecular level, especially in systems where

the interaction of transport and chemistry becomes impor-

tant. The DETCHEM software package is designed for

modeling and simulation of reactive flows including hetero-

geneous reactions on catalysts and can apply multi-step and
elementary reaction mechanisms on surfaces and in the gas

phase [15,23].

The reactor is set-up in a way that all microchannels

essentially behave alike as shown in [18]. Hence only a single

microchannel needs to be analyzed. The reactive flow field

inside the microchannel is laminar and modeled with the

steady state, two-dimensional boundary-layer equations

using transport coefficients that depend on composition and

temperature [24].

Since the experimentally observed temperature difference

along the catalytic wall of the microchannels was always

below 5 K, isothermal boundary conditions were used in the

simulation. The chemical reactions are modeled by detailed

reaction schemes for heterogeneous reactions. In this model

the mean field approximation is applied for the description of

surface reactions [25,26]. The adsorbates on the surface are

described in terms of locally varying coverage that represents

concentrations of adsorbed molecules randomly distributed

on the nanoscale catalyst. The state of the catalytic surface is

then described by the temperature T and a set of surface

coverages Qi. Varying surface coverage of adsorbed species is

taken into account along the catalytic wall of the

microchannel.
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4.1. Steady-state flow equations

Although the actual microchannel has a square cross section,

it was modeled as an axisymmetric cylinder. Because the

spatial gradients perpendicular to the flow direction are small

at the conditions applied, an axisymmetric cylinder repre-

sents a good approximation of the microchannel.

At given inlet (flow velocity, temperature, pressure, species

composition) and boundary conditions (wall temperature of

microchannel), the two-dimensional flow field of the fluid is

calculated. However, the solution of the Navier–Stokes equa-

tions for laminar flow in chemically reacting systems is

computationally expensive. Therefore, simpler models such

as plug-flow or boundary-layer models are frequently used

[24,26]. The boundary-layer approach is used in the DETCH-

EMCHANNEL code applied in the present work [15,27]. In the

boundary layer of a fluid near a surface, convection mainly

occurs parallel to the surface. The diffusive transport in the

same direction diminishes in comparison to transport

perpendicular to the surface. This effect becomes more

significant as the gas velocity is increased, for higher Reynolds

numbers as long as the flow is laminar. The results achieved

by the boundary-layer model can be as accurate as the results

from solving the full Navier–Stokes equations at high but

laminar flow rates [24]. Mathematically, the character of the

equations is simplified from elliptical to parabolic with a time-

like coordinate along the channel axis. These requirements

result in the following flow field equations:

vðrruÞ
vz

þ vðrrvÞ
vr

¼ 0; (3)

vðrruYiÞ
vz

þ vðrrvYiÞ
vr

¼ � v

vr

�
rji
�
þ r _ui; (4)

vðrruuÞ
vz

þ vðrrvuÞ
vr

¼ �r
vp
vz
þ v

vr

�
mr

vu
vr

�
: (5)

Here, the following variables are used: z and r – axial and

radial coordinates, r – density, u and v – axial and radial

velocity components, Yi – mass fraction of species i, ji –

diffusive mass flux of species i, _ui – gas-phase reaction rate, p –

pressure and m – viscosity. The transport coefficients for radial

diffusion m and the species diffusion fluxes ji depend on

temperature and species composition.
4.2. Surface chemistry model

The surface reaction source terms expressed by diffusion

fluxes at the gas–surface interface ( ji,surf) are modeled by

elementary multi-step reaction mechanism [15,27]. The

dynamics of the locally varying surface coverage of adsorbed

species i, Qi, is determined by

vQi

vt
¼ si _si

G
: (6)

Here, si indicates the number of surface sites, that are occu-

pied by species i, _si is the rate of generation or consumption of

species i due to adsorption, desorption or chemical reaction, G

is the surface site density, i.e., the number of adsorption sites

per catalytic surface area. The surface site density can be
calculated from the catalyst material. For rhodium a surface

site density of G¼ 2.77� 10�9 mol/cm2 is used in this model.

At steady-state Eq. (6) becomes a set of coupled, non-linear

algebraic equations. The net rate of adsorption and desorption

of gas-phase species is equal to the diffusive mass flux at the

surface, ji,surf, in the radial direction. Convective fluxes vanish

in steady state so long as no mass is exposited or ablated.

Hence, the following boundary condition applies for the flux ji
at the inner microchannel wall in Eq. (4):

ji;surf ¼ ji þ rYivst ¼ Fcat=geo$hMi _si; (7)

where ji,surf is the diffusive mass flux at the surface, Mi the

molar mass of species i, vst is the Stefan velocity, and Fcat/geo is

the ratio between the catalytically active surface area and

geometric surface area of microchannel. For the reactor under

investigation, this ratio is 6.6 (see Section 3). Since no wash-

coat is applied in the present study, the effectiveness factor

for diffusion within the washcoat, h, is unity. The total molar

production rate of species i by surface reactions is given by

_si ¼
XKs

k¼1

nikkfk

YNgþNs

j¼1

c
n0

jk

j ; (8)

where Ks is the number of surface reactions (including

adsorption and desorption); nik (reactants) and n0jk (products)

are the stoichiometric coefficients and Ng and Ns are the

number of gas-phase and surface species, respectively. The

concentrations cj of adsorbed species are given in mol/m2.

The temperature dependence of the rate coefficients is

described by a modified Arrhenius expression:

kfk ¼ AkTbk exp

�
�Eak

RT

	YNs

i¼1

Q
mik
i exp

�
3ikQi

RT

	
: (9)

Here Ak represents the pre-exponential factor, bk the

temperature exponent, and Eak the activation energy of reac-

tion k. Coefficients mik and 3ik describe the dependency of the

rate coefficients on the surface coverage of species i due to

possible changes in the energy potential of the surface.

Sticking coefficients are commonly used for adsorption

reactions and are converted to conventional rate coefficients

according to

kads
fk ¼

S0
i

Gs

ffiffiffiffiffiffiffiffiffiffiffiffi
RT

2pMi

s
; (10)

with Si
0, the sticking coefficient; and s, the number of sites

occupied by adsorbed species.

The computational tool DETCHEMCHANNEL [15,27] is applied

to treat the problem numerically. At given inlet conditions,

the boundary-layer equations are solved by integration along

the axial direction through a method-of-lines procedure. The

radial derivatives are discretized by a finite-volume method.

The resulting differential-algebraic equation system is inte-

grated using the semi-implicit extrapolation solver LIMEX [28].
5. Heterogeneous reaction mechanism

The mechanism used for modeling reforming of hexadecane

consists of 45 reactions with 8 gaseous species and 13
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adsorbed species (marked by (s)). The detailed C1-reaction

mechanism of this model (see Table 2) is based on an earlier

study on the steady-state partial oxidation of methane on

Rh/Al2O3 [11] that was extended to model steam reforming

over Rh/Al2O3 [13]. The reversible steps of hydrogen-assisted

CO decomposition (reactions (23)–(26), (43), (44) in Table 2)

were introduced to improve prediction of methanation and

water-gas shift reactions. Kusama et al. [29] suggested CO

decomposition as the rate-limiting step in the methanation

process. Subsequently, Fisher and Bell [30] and Wang et al.

[31] proposed CO hydrogenation via an HxCO intermediate.

Yan et al. [32] observed these intermediate species with time

resolved FTIR. Furthermore HCO is proposed to be important

in metal – support interaction and oxygen spill-over
Table 2 – Surface reaction mechanism, from [11].

Reactions A [mol, cm, s, K

(1) H2þ 2Rh(s) / 2H(s)

(2) 2H(s) / H2þ 2Rh(s) 3.0� 1021

(3) O2þ 2Rh(s) / 2O(s)

(4) 2O(s) / O2þ 2Rh(s) 1.33� 1022

(5) CH4þ Rh(s) / CH4(s)

(6) CH4(s) / CH4þ Rh(s) 2.0� 1014

(7) H2Oþ Rh(s) / H2O(s)

(8) H2O(s) / H2Oþ Rh(s) 6.0� 1013

(9) CO2þ Rh(s) / CO2(s)

(10) CO2(s) / CO2þ Rh(s) 3.0� 108

(11) COþ Rh(s) / CO(s)

(12) CO(s) / COþ Rh(s) 1.0� 1013

(13) H(s)þO(s) / OH(s)þ Rh(s) 5.0� 1022

(14) OH(s)þ Rh(s) / H(s)þO(s) 3.0� 1020

(15) H(s)þOH(s) / H2O(s)þ Rh(s) 3.0� 1020

(16) H2O(s)þ Rh(s) / H(s)þOH(s) 5.0� 1022

(17) 2OH(s) / H2O(s)þO(s) 3.0� 1021

(18) H2O(s)þO(s) / 2OH(s) 3.0� 1021

(19) C(s)þO(s) / CO(s)þ Rh(s) 5.0� 1023

(20) CO(s)þ Rh(s) / C(s)þO(s) 3.7� 1021

(21) CO(s)þO(s) / CO2(s)þ Rh(s) 1.0� 1019

(22) CO2(s)þ Rh(s) / CO(s)þO(s) 5.0� 1021

(23) CO(s)þH(s) / HCO(s)þ Rh(s) 5.0� 1019

(24) HCO(s)þ Rh(s) / CO(s)þH(s) 3.7� 1021

(25) HCO(s)þ Rh(s) / CH(s)þO(s) 8.0� 1023

(26) CH(s)þO(s) / HCO(s)þ Rh(s) 3.7� 1021

(27) CH4(s)þ Rh(s) / CH3(s)þH(s) 5.5� 1020

(28) CH3(s)þH(s) / CH4(s)þ Rh(s) 3.7� 1021

(29) CH3(s)þ Rh(s) / CH2(s)þH(s) 3.7� 1024

(30) CH2(s)þH(s) / CH3(s)þ Rh(s) 3.7� 1021

(31) CH2(s)þ Rh(s) / CH(s)þH(s) 3.7� 1024

(32) CH(s)þH(s) / CH2(s)þ Rh(s) 3.7� 1024

(33) CH(s)þ Rh(s) / C(s)þH(s) 3.7� 1021

(34) C(s)þH(s) / CH(s)þ Rh(s) 3.7� 1021

(35) CH4(s)þO(s) / CH3(s)þOH(s) 1.7� 1024

(36) CH3(s)þOH(s) / CH4(s)þO(s) 3.7� 1021

(37) CH3(s)þO(s) / CH2(s)þOH(s) 3.7� 1024

(38) CH2(s)þOH(s) / CH3(s)þO(s) 3.7� 1021

(39) CH2(s)þO(s) / CH(s)þOH(s) 3.7� 1024

(40) CH(s)þOH(s) / CH2(s)þO(s) 3.7� 1021

(41) CH(s)þO(s) / C(s)þOH(s) 3.7� 1021

(42) C(s)þOH(s) / CH(s)þO(s) 3.7� 1021

(43) CO(s)þH(s) / C(s)þOH(s) 3.7� 1021

(44) C(s)þOH(s) / CO(s)þH(s) 3.7� 1020

a Depending on reaction order.
reactions on Rh-doped ceria [33]. Simulations performed with

this mechanism showed that the steady-state surface

coverage distribution at 973 K consists 88% free rhodium

sites, 10% CO and 2% other species. Thus, the total surface

coverage is low at the conditions investigated; the depen-

dence of the rate coefficients on the surface coverage can be

neglected for all adsorbates except for carbon monoxide. The

fitting parameter 3CO¼ 50 kJ/mol is included in the mecha-

nism to describe the change in activation energy coverage

when taking into account the lateral interaction of the

adsorbed CO molecules.

In addition to the elementary reactions, a global reaction

for the dissociative adsorption of hexadecane on the catalyst

surface is set-up:
]a Si
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Table 3 – Kinetic parameters for dissociative adsorption
of hexadecane on the rhodium surface (see reaction (11)).

Parameter A EA b e1 e2

Estimated value 1138 mol m s K 71.0 kJ/mol 0.2 0.495 0.900
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C16H34þ 16Rh(s) / 2CH3(s)þ 14CH2(s) (11)

This approach is based on experimental observations of the

maximum turnover frequencies for hydrocarbons with

different carbon lengths, shown in Section 2, Table 1.

Regarding the turnover frequencies for the whole fuel mole-

cule (in molfuel/molactive Rh s), this table reveals that the turn-

over frequencies decrease from 4.1 molfuel/mol s for methane

down to 0.3 molfuel/mol s for hexadecane. When the turnover

frequencies are calculated for each carbon atom in the

hydrocarbon molecule which is converted per active rhodium

site and time (molC/molactive Rh s), then it is obvious that the

conversion of each carbon needs the same time and number

of active sites; that is to say, the turnover frequencies for

methane, propane and hexadecane are all very similar, i.e., 4–

5 molC/molactive Rh s (deviation of �22%).

For the reaction in equation (10) the following reaction rate

equation r along the microchannel results:

rHex ¼ A$Tb$e
�EA
RT $ce1

Hex$
�
QRhðsÞ$GRh

�e2 : (12)

Initial and boundary conditions of the simulations are taken

from the experimental conditions. Hence, the input data for

the simulation are feed gas composition, mean gas velocity at

the entrance of the reactor, the isothermal reactor tempera-

ture, and channel dimensions (length 80 mm and hydraulic

diameter 200 mm).

The results of the parameter estimation for the hex-

adecane adsorption equation (see Eq. (12)) are presented in

Table 3.
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Fig. 3 – Parity plots for hexadecane reforming simulation

values compared to experimental data for a) hexadecane,

b) H2, c) H2O, d) CO2 and e) CO at standard conditions.
6. Simulation results and discussion

The product gas compositions calculated are compared with

the measured product gas compositions for all 98 performed

experiments and are shown in Fig. 3. The coefficient of

determination for CO2 is 0.61. For other components this

coefficient reaches at least 0.71. As the coefficient R2 repre-

sents a quadratic rather than linear dependency, the lower

coefficient for CO2 (by only 0.1) exhibits deficiencies in the

prediction of the CO2 formation by the model. A similar trend

can be seen when considering the number of experimental

values which are adequately predicted by the model. We

defined adequately predicted as data points in the parity plots

which are within the margins of�20% deviation. For CO only 9

data points are within these boundaries, followed by CO2 with

only 23. The product gas concentrations of hexadecane,

hydrogen and water are better predicted. Both statistical

analyses lead to the assumption that the hexadecane

conversion is well modeled, whereas all surface reactions
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hexadecane conversion and b) hydrogen yield at standard

conditions.
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affecting the equilibrium between CO and CO2 seem to be

inadequately predicted.

Fig. 4 shows the conversion and hydrogen yield for the

experiments at the so-called standard conditions (S/C ratio of

4, temperatures between 673 K and 973 K and residence times

sres of 75–110 ms). The maximum deviation for the conversion

is 16% and for the hydrogen yield is 32%. The discrepancy in

the hydrogen yield between the model and experimental data

is greater at temperatures above 873 K.

In Fig. 5 the modeled mass fractions of CO2 and CO are

compared to the experimental data and thermodynamic

equilibrium calculations. These thermodynamic equilibrium

values were calculated from the experimental output product

composition, i.e. hydrogen, carbon monoxide, carbon dioxide

and water. Unconverted hexadecane was neglected in these

calculations to obtain information on the corresponding

water-gas shift equilibrium only. Depending on the position of

the experimental values of CO and CO2 with respect to the

equilibrium further information about the mechanism

(consecutive or direct CO2 formation from hexadecane) can be

gained. The experimental carbon dioxide product concentra-

tion fits well the water-gas shift equilibrium values for

the temperatures up to 773 K, but above this temperature the

experiments produce less CO2 than predicted according to the

WGS reaction. Vice versa for the carbon monoxide: at higher

temperatures is more CO in the reformate than predicted by

the WGS equilibrium.

Fig. 5 also explains the deviation between the experimental

data and the simulated data for CO and CO2 (e.g. at 973 K 22%

and 25% respectively): the deviation is in the same range as

the difference between the measured values and the values at

equilibrium (corresponding difference at 973 K is 20% and 18%

respectively). Thus, the model underestimates the amount of

H2 (see Fig. 4b) and the CO2/CO ratio (Fig. 5a) at temperatures

above 773 K. For the H2 concentrations the effect is low, but for

the CO2/CO ratio the deviations are much more visible.

The simulation of the hexadecane conversion can also be

used to predict experimental data at different reaction

conditions. Earlier studies, described in detail in [18,19],

showed that the temperature, variation of the S/C ratio by

adjustment of the hexadecane flow, the residence time, and

the supplemental feeding of hydrogen have a direct effect on

the reforming reaction (1), whereas the variation of the S/C

ratio through adjustment of the steam flow or supplemental

feeding of CO or CO2 does not affect the reforming reaction (1).

This stands in accordance with the observation of Wei and

Iglesia [34] that the reaction rate was dependent on the

methane partial pressure and independent of the partial

pressure of water or CO2.

Based on these observations only the parameters affecting

the hexadecane conversion are taken into account in the

following sections. Fig. 6 depicts the directions of the changes

with different parameters are well simulated but that the

magnitudes of the changes are smaller than observed. The

simulation tends to underestimate influencing effects. This

can be seen for example in Fig. 6a for the simulation curve for

the lowest S/C ratio, where the jump to higher conversion at

873 K is not well depicted. Another example is the inhibiting

effect in Fig. 6c of hydrogen, where at low temperatures the

conversion is overestimated when supplemental hydrogen is
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Fig. 8 – Gas composition of hexadecane reforming along

the microchannel at 873 K, a steam to carbon ration of 8,

and a residence time sres of 85 ms.
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fed. However, it can be stressed that, overall, the trends of

parameter variation are sufficiently well simulated to predict

the effects of other reaction conditions.

In addition to the product composition, profiles inside the

microchannel can also be computed. The composition and

conversion of hexadecane reforming are plotted versus

microchannel length in Fig. 7 for standard conditions at 973 K.

Due to the decreasing reactant concentration, the rate of

reforming decreases along the flow direction.

Fig. 8 shows in more detail the simulated species fractions

along the microchannel for the reforming experiment at
873 K, with a steam to carbon ration of 8 and a residence time

of 85 ms. A maximum in the CO concentration is observed in

the middle of the channel length. This is in accordance with

the assumption derived from the position of the experimental

values of CO and CO2 in relation to the WGS equilibrium, i.e.

that CO is produced from hexadecane and subsequently

converted to CO2. According to Fig. 8 the consecutive shift

reaction happens mainly in the second half of the channel

length.
6.1. Impact of ceria support

Comparison of simulated and experimental results revealed

an adequate description of the hexadecane reforming reaction

(Eq. (1)) and its conversion by the applied model. Whereas the

water-gas shift equilibrium (Eq. (2)) is not so well depicted by

this model. This may be explained by the fact that the detailed

surface reaction mechanism used, was developed for pure

rhodium catalysts. The extension of surface reaction mecha-

nism account for the impact of ceria support is required for
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better description of reforming of higher hydrocarbons on Rh/

CeO2 catalyst.

Ceria-supported precious metals are known to be better

catalysts for steam reforming of hydrocarbons, compared to

their alumina- or silica-supported counterparts [21,35,36].

Furthermore, the ceria-supported metals simultaneously

catalyze the WGS reaction well, even better than either

precious metals or ceria alone [33,37]. Platinum, palladium

and rhodium supported by ceria show very similar rates for

hydrocarbon reforming and the water-gas shift reaction

[21,37,38].

There are strong evidences that the support is not inert and

the inverse spill-over steps attribute an active role to the

support, depending upon its ability to adsorb water and allow

surface diffusion of water and oxygen [31,33,39].

The following additional reactions can be proposed to

extend the detailed surface reaction mechanism for including

the impact of the ceria support. They describe the adsorption

and reaction of water on CeO2 (reactions (13)–(15)) and an

inverse spill-over step accompanied by oxygen migration

from cerium to the catalyst (reaction (16)):

H2Oþ s1 4 H2O-s1 (13)

H2O-s1þ s1 4 HO-s1þH-s1 (14)

2HO-s1 4 H2O-s1þO-s1 (15)

O-s1þ Rh(s) 4 O(s)þ s1 (16)

Here, s1 indicates the ceria active site and s is the rhodium

active site (according to surface chemistry model described in

Section 5).

Wang et al. [31] assume that water adsorbs on the support as

Brøacute;nsted acids and bases. At sufficiently high tempera-

tures but still slow desorption, a mobile intermediate can be

formed from the recombination of these acids and bases. This

intermediate would be hydrogen bonded to the support and

capable of migrating to the Rh surface. The equilibrium (reac-

tion (15)) was suggested at first on Al2O3 by Peri [40].
Fig. 9 – Scheme for hydrocarbon steam reforming and water-gas
Two different mechanisms for steam reforming of hydro-

carbons and water-gas shift reaction are possible to account

for the impact of ceria support with additional reactions

(13)–(16):

I. Water is adsorbed on the surface of the ceria support

and dissociated into adsorbed hydrogen and oxidized

ceria. As hydrogen desorbs from the surface, the atomic

oxygen migrates to the precious metal and reacts with

the dissociatively on the precious metal surface adsor-

bed hydrocarbon molecule to form CO. CO is oxidized to

CO2 on the metal surface (Fig. 9 left side).

II. Oxidation of hydrocarbon to CO accrues on the metal

surface as at I, whereas CO2 is produced via the WGS

reaction on the ceria support (Fig. 9 right side). The entire

surface reaction follows a Langmuir–Hinshelwood

mechanism with species adsorbed at two different sites.

The WGS as well as the reforming reaction are controlled

by two steps: the transfer of oxygen from ceria to the

metal interface and the rate of reoxidation of ceria.

The reaction steps in the overall water-gas shift reaction as

oxygen transfer from water to the catalyst and from the

catalyst to CO in the mechanism I were suggested by Twigg

[41] and Rhodes et al. [42].

The steps proposed in mechanism II for steam reforming of

hydrocarbons on precious metal ceria catalyst systems were

postulated by Wang and Gorte, Craciun et al. as well as Kur-

ungot and Yamaguchi [21,35,36] and for water-gas shift reac-

tion by Bunluesin et al., Hilaire et al., Sun et al. [37,43,44].

Shido and Iwasawa [33] as well as Jacobs et al. [39] postu-

late a surface formate mechanism for the WGS reaction over

ceria:

HO-s1þCO 4 HCOO-s1 (17)

HCOO-s1þH2O 4 CO2þH2þHO-s1 (18)

Partial reduction of the ceria surface leads to the formation

of bridging OH groups and these were found to react with CO

to form formate, which then decomposes. Their experiments

were performed at quite low temperatures (433–583 K). It may
shift reaction on Rh/CeO2 according to mechanisms I and II.
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be assumed that at higher temperature the desorption of CO

from the metal and the dissociation of formate on the support

are fast and a different mechanism is more likely to occur on

the metal [31].

At the moment still additional fundamental studies are

required to get the kinetic parameters for reactions (13)–(18)

and further kinetic studies for both mechanisms on rhodium/

ceria systems.

So Rh/CeO2 catalysts are known to be good steam reform-

ing and water-gas shift catalysts. The observation of good

hexadecane reforming performance but failure to attain the

water-gas shift equilibrium especially at high temperatures

can result from the high calcination temperature of 1073 K

applied during the catalyst preparation. This calcination

temperature was chosen to be higher than the high steam

reforming temperature of up to 973 K and the even higher

catalyst regeneration temperature of 1023 K. Bunluesin et al.

[37,45] and Craciun et al. [35,38] revealed that steam reforming

as well as water-gas shift reaction rates diminish heavily

when the calcination is performed at high temperatures. This

activity loss occurs sharply in the 1075–1275 K temperature

range due to the loss of ceria support’s oxygen transfer

property resulting from a change in its structure (larger crys-

tallite sizes). So in this case with the calcination temperature

of 1073 K the activity loss for the oxygen transport already

starts to appear. Thus, this limited oxygen transfer seems now

only able to prevent carbon production and to oxidize the

hydrocarbons to CO. Especially at high temperatures with

high hydrocarbon conversions, the limited oxygen transfer

could not be sufficient anymore to fully oxidize the hydro-

carbons to CO2. One possibility to enhance the WGS activity of

Rh/CeO2 also at high temperatures could be the stabilization

of the ceria support with additional zirconia. The mixed oxide

maintains its properties at higher calcination temperatures

because it appears to prevent the sintering of small ceria

clusters [45].

6.2. Simulation of the partial pressure dependence of
TOF

The turnover frequency for unbranched alkane fuels is

inversely proportional to the reciprocal value of the number of

C-atoms per fuel molecule (Section 2). The TOF of each C unit

in the fuel is constant at around 4–5 molC/molactive Rh s. The

approach used in the numerical model for the dissociative

adsorption of hexadecane on the catalyst surface in the global

reaction equation (Eq. (11), Section 5) is also based on this

observation.

In our experiments different molar flow rates and thus

partial pressures for methane, propane, and hexadecane were

used with the same steam to carbon ratio of 4. Nitrogen flow

was used to keep the residence time for each C unit constant.

The different partial pressures of the fuels may have an

impact on the turnover frequencies according to Rostrup-

Nielsen [46]. Therefore, a simulation has been performed from

which it is possible to estimate the impact of the partial

pressure on the TOF for different molecule sizes.

For standard conditions at 973 K, the same molar flows of

methane, propane, and hexadecane with adjusted steam

flows were taken. For achieving a constant residence time/gas
velocity balancing nitrogen flows were used. For the global

reaction of hexadecane reforming, Eq. (6), which is a special

case of the general equation, was applied:

CxHyþ xRh(s) / 2CH3(s)þ (x� 2)CH2(s) for x> 2 (19)

Analogously, the propane reforming was also integrated

into the model by use of Eq. (19). For methane reforming Eq. (5)

from Table 2 was applied. Based on the simulated product gas

composition, the number of converted fuel molecules was

estimated. This value and the number of active rhodium sites

determined by chemisorption measurements were used for

the determination of the turnover frequencies.

In Fig. 10, the turnover frequencies of each C unit in the fuel

from these simulations are compared with the experimentally

determined TOFs. The predicted mean value of 4.13 molC/

molactive Rh s differs only 8% from the experimental value and

thus confirms that the effect of different partial pressures on

the turnover frequencies is negligible.
7. Summary and conclusions

The heterogeneous kinetics of hexadecane reforming in

microchannels coated with Rh/CeO2 was studied by kinetic

modeling of experimental data and numerical simulation of

the reactor. The experimental data provided reforming

performance under different conditions (variation of

temperature, steam to carbon ratio, residence time, supple-

mental feeding of product gases and fuel components). The

developed model incorporates channel flow, diffusive trans-

port as well as an elementary-like surface reaction mecha-

nism for C1 species linked with a global reaction equation for

the dissociative adsorption of higher hydrocarbons. The

elementary steps have been derived from previous studies on

the oxidative conversion of C1 species over rhodium sites

supported on alumina. The global reaction equation assumes

hexadecane adsorption and decomposition to C1 fragments

on the Rh/CeO2 surface. This model appropriately predicts the

measured conversion of hexadecane but shows deficiencies

for the prediction of carbon oxide selectivity. The dissociative

adsorption of hydrocarbons as well as the turnover
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frequencies (converted fuel molecules per second and active

catalyst site) for the reforming of methane, propane, and

hexadecane is accurately predicted by the model. Whereas the

hydrocarbon conversion seems to take place on the rhodium

active sites and is well modeled, the impact of the ceria

support and its oxygen transfer properties due to the origin of

the elementary steps are not included in the model. This

observation calls for the integration of a detailed surface

reaction mechanism for CeO2 into the model.
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